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ABSTRACT 
Unsteady state measurements of oxygen dissolution rates in water were 
carried out in a large baffled aerated mixing vessel (0.6 m3 capacity) 
at various gas flow rates and agitator power inputs for a variety of 
impeller types. A mathematical model accounting for the gas and 
liquid phase dynamics was formulated to evaluate the mass transfer 
product (kLa). 	Measurements of the dispersion bubble properties 
(diameter, interfacial area and gas hold-up) were also made and 
correlations for gas hold-up, interfacial area and aerated power 
dissipation were proposed. 
It is believed that valid values of k 
L  a have been determined for the 
air - water system, using a correct mathematical model; most of the 
earlier studies using physical methods, reported in the literature, 
have made several unjustified assumptions in determining kLa. The 
order of merit of several different agitators in regard to effective 
use of power for gas - liquid mass transfer was established and a 
new type (the comb turbine) was found to be superior, under certain 
circumstances, to the conventionally used "Rushton turbine". 	The 
effect of scale-up on k 
L  a in aerated mixing vessels was also experi- 
mentally examined by carrying out some experiments in a geometrically 
similar smaller tank.(0.043 m3 ). 	A deterioration in mass transfer 
rate is found on scale-up at constant power per unit volume of liquid 
and constant superficial gas velocity, but further work is required 
to establish the causes. 
CHAPTER 
INTRO DUCT ION 
One of the most common modes of mass transfer encountered in chemical 
processing is between gases and liquids, occurring typically in gas 
absorption, stripping and distillation. 	The contacting of a gas 
with a liquid is normally carried out by subdividing one or both 
phases, this phase subdivision leads to an increase in the inter-
facial area and produces a relative motion between the phases; both 
these effects contribute to an increase in overall mass transfer 
rates. 	An example of gas - liquid contacting equipment in which 
subdivision of the gas phase occurs, is the agitated and ta eratedt? 
vessel as widely used in batch oxidation, chlorination and hydro-
genation of liquids and in fermentation processes. 
One important design aspect of the latter is the choice of impeller 
type to carry out a given mass transfer operation at minimum power 
consumption. 	Although impeller types are generally standardized 
according to the nature of the mixing problem (98), claims of improved 
performance with certain agitator configurations are sometimes made 
(03) (62). 	In addition to impeller selection, a compromise must 	be 
made between the power reduction obtained at increasing gas through-
put and the enhancement of mass transfer rates at high turbulence 
levels. 	The present work was undertaken to compare the performance 
of several types of impellers at various levels of agitation and gas 
flow rate in a large tank (600 litre capacity) approaching the size 
typically used in pilot scale fermentors, since most of the work 
reported in the literature has been confined largely to small scale 
tanks (up to 100 litres) and there is ample evidence that mass trans-
fer rates fall as the tank size is increased. 
2 
In the present work, the literature survey and the physical measure- 
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ments involved in.quantifying variables such as agitator power 
consumption, interfacial area, gas hold-up and mass transfer product, 
are mostly independent of one another. They have been treated 
separately in the various chapters, each of which begins with an 
introduction, followed by a survey of the relevant literature, 
experimental techniques, results, discussion and conclusions. 	Thus 
the thesis begins with an overall description of the system and 
techniques used (Chapter 2), followed by a study of the power con-
sumed by the several agitators under sparging and non-sparging 
conditions (Chapter 3). 	Simultaneous measurements of the bubble 
diameter and velocity, carried out at several positions in the tank 
by means of a probe technique recently developed in this laboratory, 
are reported (Chapter Lt), these measurements being compared with 
the mean bubble size evaluated from independent measurements of gas 
hold-up and interfacial area (Chapter 5). 	As a survey of the 
literature shows, previously reported values of kLa, obtained by 
physical absorption or stripping methods, have been carried out under 
fairly restrictive assumptions. An experimental program was under-
taken to evaluate kLa, for the various agitators, from a more 
general model as well as the commonly used simple model and the 
implications of the results are discussed (Chapter 6). 	Various 
scale-up criteria proposed in the literature and claimed to be of 
general applicability, were checked by carrying out some experiments 
in a small tank (Chapter 7). 	Finally an overall summary of the 
conclusions reached in this work is presented along with some 
suggestions for further work (Chapter 8). 
CHAPTER 
EXPERIMENTAL EQUIPMENT AND TECHNIQUES 
2.1 	INTRODUCTION 
	 5 
This chapter deals with the experimental arrangement and operating 
procedure employed in the measurement of the power dissipated by 
agitation, the local properties of the dispersion, the overall gas 
hold-up and the mass transfer product in a 600 litre tank. 
The mixing equipment, experimental procedure and range of variables 
used in a smaller tank (43 litre) will be fully described in 
Chapter 7, since relatively little work was carried out at this 
scale of operation; its purpose being to examine the effects of 
scale-up discussed in this place. 
2.2 	EQUIPMENT 
The mixing vessel and torque measuring apparatus are shown schematic-
ally in Fig. 2.1. 
2.2.1 	Mixing tank 
The mixing tank consisted of a 0.91 m diameter (T) by 1.20 m high flat 
bottomed tank, constructed of PVC reinforced outside with fibre glass. 
The capacity of the tank at an operating level of 0.91 m (HL) was 
0.60 m3 M. Four equally spaced PVC baffles of width 9.1 x 102 m 
(10% of the tank diameter) were fitted to the inside of the tank. 














b 14.5cm 	 9 c 
0.5 cm 
Fig. 2.2 - The "Comb" Baffle 
these baffles were designed to have an unchanged frontal area but of 	
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a "comb" configuration. 
2.2.2 	Impeller geometry and dimensions 
The geometry of the impellers used was quite various. 	To facilitate 
their designation, we can divide them into groups according to 
certain similarities. 
a) 	Six Blade Turbines 
These turbines use the holder whose shape and dimensions are shown in 
Fig. 2.3. 	This holder is made of'Dural' and was always placed at 
the same position, at a distance equal to 1/3 T, above the tank 
bottom. 	The various shapes of blades used were: 
Flat Blade Turbine - I (F.B.T.-I) 
Among all the turbines used this is the most similar to the Rushton 
turbine (95) and therefore its performance will be taken as a 
reference. 	The blades are made of 'Dural', 6 x 	m thick, and 
their shape and dimensions are shown in Fig. 2. a). 
Overall diameter = 0.274 m 
Flat Blade Turbine - II (F.B.T.-II) 
This turbine was designed to study the effect of increasing the 
diameter with a consequent decrease of the blade width, in order not 





Fig. 2.3 	The Turbine Holder 
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6.( a) Flat Blade I (F.B.-I) 
2.5 








d) Comb Blade III (C.B.III) 
13.0  
All dimensions in cm 
Fig. 2. 	- Blade Geometry and Dimensions 
-3 
6 x 10 m thick, and the dimensions are shown in Fig. 2.4 b). 	
ii 
 
Overall diameter = 0.425 m 
Comb Blade Turbine - I (C.B.T.-I) 
A rod configuration, as shown in Fig. 2.4 c), was thought to be 
potentially promising since it incurs a lower drag force than a 
flat plate of the same frontal area and therefore consumes less 
power. A preliminary study of this agitator has been carried out 
by Bain (2 ) with encouraging results. 	The frame work of this 
turbine is made of 'Dural', 6 x 10 3 0m thick, and the 12 rods are 
stainless steel of 4 x 10 3 m diameter. 	The frontal area of this 
blade is equal to that of F.B.T.-I. 
Overall diameter = 0.274 m 
Comb Blade Turbine - II (C.B.T.-II) 
The configuration of the blades of this turbine is similar to C.B.T.-I, 
although the spacing between the rods was increased five times. 	The 
number of rods of each blade is also 12 and the blade height is 
0.280 m. 	All the other dimensions were kept the same. 
Overall diameter = 0.274 m 
Comb Blade Turbine - III (C.B.T.-III) 
Each blade of this turbine consists of a single rod, as shown in 
Fig. 2.4 d), the length of which was increased from that used previous-
ly to keep the power consumption within the same range as before. 
Overall diameter = 0.505 m 
12 
( 0. 4 
All dimensions 
in cm 
Fig. 2.5 - The "Comb" Ring 
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Multiple Impellers 
A further distribution of rods along the length of the shaft was 
tried in order to extend the distance between rods. Experiments 
were carried out with six 'Dural' rings carrying 12 stainless steel 
x 	m diameter rods, as shown in Fig. 2.5. 	The height of the 
lowest ring from the tank bottom was kept constant and equal to 1/31. 
The distance between the rings was varied as follows: 
Six Comb Rings - I (S.C.R.-I) 
In this arrangement the ring centres are 9.5 x 10- 2 m apart. 
Six Comb Rings - II (S.C.R.-II) 
In this case the rings are closer. 	The ring centres are 6 x 10- 2 m 
apart. 
For both cases 
Overall diameter = 0.275 m 
Disc Impellers 
This kind of impeller is known in the literature as a 'high-shear 
impeller' and is characterized by low power requirements at high 
peripheral speeds. The plain disc was studied by Fondy and Bates 
(30) and showed a poor circulation capacity compared with other 
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Fig. 2.6 - The Disc Impeller 
PVC 8 x 10 
-3  m thick, has a number of holes, in order to improve 
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circulation, and is similar to the one used by Glaeser et al (35). 
The number and location of the holes was varied, as Fig. 2.6 shows, 
which results in the following classification. 
Disc Impeller - I (D.I.-I) 
Characterized by 12 holes (2 x 10- 
2 
 m diameter) on diameter D 1 . 
Disc Impeller - II (D.I'.-II) 
Characterized by 12 holes on diameter D 2 . 
Disc Impeller - III (D.I.-III) 
Characterized by 12 holes on diameter D 1 and 12 holes on diameter D 2 . 
For all cases, 
Overall diameter = 0.455 m 
2.2.3 	The sparging unit 
Compressed air at a pressure of 5 bar was reduced to 3 bar by a 
reducing valve and passed through a filter. After being metered 
with a metric 35 A rotameter it was introduced at the centre of the 
tank base through an open ended copper tube of 1.27 x 10- 
2 
 m 
diameter, rigidly fixed within the vessel. 	The air flow rate, Q, 
was varied between 4.16 and 8.33 x 10 m3 /s, corresponding 
respectively to superficial gas velocity of 6.34 x 	and 
1.27 x 10- 
2 
 rn/s. 
2.2. 14 	Liquids used 
Most of the experiments were carried out in tap water and the values 
of the physical properties used were, 
P 	10 kg/m3 
) 
p 	1.0 x lo 	kg/ms 	c.a. 20°C 
) 
73x10 3 M/rn 	) 
Some runs were carried out in n-hexanol aqueous solutions of 0.01 and 
0.02% (wt/wt), previously used b Calderbank, Moo-Young and Bibby (17) 
as a coalescence inhibitor. 	The change in the above properties was 
negligible for these concentrations. 
2.2.5 	Torque measuring apparatus 
The torque produced by the rotating agitator was measured by the 
mechanical linkage shown in Fig. 2.1. 
The drive system of the agitators was the 14.5 x 102  m diameter 
stainless steel shaft of a 10 H.P., D.C., motor with electronic 
speed control. This motor was supported on self-aligning ball 
races and its weight was taken up by a wire cable suspended from 
a wall fixture. 
The speed of the impeller was varied between 4.16 and 13.3 revolutions 
per second (250 and 800 r.p.m.) and was measured by a magnetic pick-
up in conjunction with a digital tachometer; the pick-up was sited 
close to a mild steel toothed wheel fitted to the shaft. 
In order to measure the torque a 0.45 m diameter steel pulley was 
fitted to the motor case and connected by means of a thin steel 
cable over a small vertical pulley to a 37.15 kg weight on a platform 
scale. 
2.3 	POWER MEASUREMENT TECHNIQUE 
The rotating agitator imparts a mechanical force which is opposed by 
the liquid; the liquid in turn produces a torque on the.agitator 
which is transmitted through the drive shaft to the motor. This 
reaction force tends to cause the drive unit to rotate on the 
bearings in the opposite direction to the agitator rotation, thus 
enabling the torque to be measured by transmission through the 
pulley arrangement. 	From these measurements the power is obtained 
as follows (43): 
Power = torque x rate of angular displacement 
P 	= F 	R 	 (2.1) 
where 
P 	= Power consumed by the impeller 
F 	
Balancing force on the platform scale 
R 	
= Dynamometer torque radius arm 







• g 	 (2.3) 
where 
N 	= Impeller rotational speed 
Mb 	Balancing mass on platform scale 
Equation (2.1) becomes 
P 	= 27 NR 
t b 
N g 	 (2.4) 
Either system power limitations or visual observations of the surface 
of the dispersion, which signified flooding, conditioned the range of 
variation of the rotational speed. 	The power consumption per unit 
volume of liquid, P/V, was in the range (0.23 - 6.51) x 1O 3 w/m 3 
which covered that normally encountered in industrial operation of 
this type of equipment. 
2.4 	LOCAL MEASUREMENTS OF THE DISPERSION PROPERTIES 
BY MEANS OF AN ELECTRORESISTIVITY PROBE 
Much work has been expended in the study of two-phase gas-liquid flows. 
Two phase flow instrumentation has been utilized to provide information 
on the local structure of the flow pattern, the specific area and the 
bubble diameter probability function. 	Jones and Delhaye ('iv) 
presented an excellent review of the instrumentation methods capable 
of yielding transients or statistical information in two phase flows. 
ig 
These instruments included microthermocouples, optical probes, hot-
film anemometers, electrical (conductivity) probes and photon 
attenuation methods, as well as several miscellaneous techniques. 
From all of them, the electrical probe was found to be the simplest 
device despite some disadvantages as, for example, requiring the 
liquid to be conducting and the possibility of some electro-chemical 
effects occurring due to the use of direct current. 
2.4.1 	Bubble size and velocity 
More recently, methods using electroresistivity probes have progressed 
with resultant improvement in both accuracy and resolution (70) (9k) 
(04). 	Burgess and Calderbank (to) (ii) (12) developed an improved 
probe technique to determine unambiguously, bubble sizes, velocities 
and shapes in sieve tray froths and freely bubbling gas--fluidised 
beds. 	This probe was recently used by Pereira (71) also in a gas 
fluidised bed. Their arrangement consisted of a three dimensional 
resistivity probe, with five channels, which was coupled to a high 
speed digital computer. 
A similar probe was used in the present investigation, however, as 
the bubbles in a mixing vessel are much smaller than those obtained 
with sieve-trays, the probe had to be miniaturised. Furthermore, 
it has only four channels because it was assumed that in the disper-
sions generated, all bubbles are spherical so that there is no need 
for a fifth channel to determine the bubble shape, although it will 
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Fig. 2.8 - Sketch of the electrical 
resistivity probe 
of spatial orientation 
of the probe elements 
The probe used in this work to measure the bubble size distribution 
21 
consisted of an array of four enamelled tvBalco tt wires (nickel iron 
alloy), 0.0173 cm diameter with a spatial orientation as shown in 
Fig. 2.7. Three contacts are placed symmetrically above and equi-
distant from the fourth wire. They are separated from each other 
at their working extremity by very thin layers of "Araldite" and 
otherwise supported by passing them through hypodermic stainless 
steel, 0.2 cm diameter tubing. 	The probe tip was frequently observed 
under the microscope in order to detect any deposit or damage at the 
tip, which was carefully recoated with trichlorethylene resisting 
lacquer whenever necessary. 	The probe arrangement at the end of 
a supporting 0.95 cm diameter tube of brass, shown in Fig. 2.8, was 
aligned vertically and mounted at the top of the tank so that the tip 
could be moved vertically and radially to the desired position. 
Each channel formed an individual resistivity circuit, connected to 
a D.C. power supply,whence current flows from an electrode placed 
inside the tank to the contact tip of the probe through the dense 
phase. 	Pulses are obtained as the circuits are broken and made by 
the passage of a bubble through the array. 	These signals were 
adjusted to between 0 and 1 volt by means of four variable resistors, 
R, before going to a P D P - 8/e, 16 k byte, 12 bit word Digital 
computer. The pulses from the various channels may also be displayed, 
at any time, by means of an oscilloscope coupled to the computer. 
Fig. 2.9 shows schematically the interfacing arrangement between the 
four contacts of the probe and the computer. 	Here, the analogue 
voltage signals were converted into discrete digital representation 
and analysed by a series of logic decisions of a sophisticated 









	Interfacing arrangement between the probe and the PDP 8/e digital computer 
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central axis length of coaxial bubbles striking the probe array. 
More detailed information will be presented in Chapter 'f. 
2.4.2 	Point gas hold-up and bubble frequency 
The probe used to measure point gas hold-up and bubble frequency-was 
less complicated than that used to measure bubble diameter. It was 
built with the same wire, using the same on-line technique, but has 
only one channel. The assembler program was much simpler as it was 
not necessary to reject off centre bubbles. 
The point gas hold-up was calculated as the time the probe tip was in 
the gas phase, divided by the total time of operation, and the local 
bubble frequency, which is the number of bubbles that hit the probe 
per unit of time, was given by the number of pulses divided by the 
total sampling time. 
2.5 	OVERALL GAS HOLD-UP 
MEASUREMENT TECHNIQUE 
The gas hold-up is dfined here as the ratio of the volume occupied 
by the gas bubbles to the dispersion volume. 
h - h 
H 	
0 	 (2.5) 
me 
where 





Fig. 2.10 - Manometer tappings location inside the tank and 
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P (m) x 
Fig. 2.11 - Typical plot of the pressure at 
various heights in the dispersion 
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h 	height of the unaerated liquid 
The overall gas hold-up was measured by a set of four U shaped air-
water manometers with tappings at levels of 90, 70, 50 and 30 cm from 
the bottom of the tank, as Fig. 2.10 shows. 	The manometers were 
attached to a PVC frame placed midway between two adjacent baffles 
and at 4 cm from the tank wall. Each of the taps consisted of an 
open ended tube, facing towards the tank wall, and was partially 
covered by a metal cap which effectively reduced the stream impact 
effect and transmitted only the static pressure. 	Water levels were 
read by a travelling cathetometer, from which the pressure P 
(in m of H 20) at a distance x (m) from the tank bottom was determined. 
The gas hold-up was calculated according to the following expression 
of Calderbank (14). 
P 	(h - x) (1 - H) 	 (2.6) 
x 
Combining equations (2.5) and (2.6) we get, 
P 	h -x(1-H) 
x 0 
(2.7) 
From the above equation the value of H was calculated by least square 
regression analyses. A typical graph of equation (2.5) is shown in 
Fig. 2.11. The range of the measured gas hold-up was from 0.027 to 
0.11 for tap water and from 0.08 to 0.17 for n-hexanol solutions. 
2.6 	MEASUREMENT OF INTERFACIAL AREA 
Interfacial areas for gas - liquid dispersions can be measured by 
three methods: 	the chemical method, light scattering and photography. 
26 
Landau. et al (so) examined and compared these techniques in detail 
and hence only a brief summary of the methods is presented below. 
The chemical method is the only method which gives an overall value 
of the interfacial area from a single measurement. 	However, the 
results obtained using this technique are generally only applicable 
to aqueous solutions of ionic electrolytes, where bubble coalescence 
is often inhibited (58). 	Besides great care must be taken with the 
material used in the vessel and agitators as they may catalyse or 
inhibit the reaction. 	The chemical method was extensively studied 
by Danckwerts and Sharma(2A/90) and Sharma et al (so) (60), and consists 
of observing the rate of a gas - liquid reaction. Either the inter-
facial area or the overall mass transfer coefficient can be determined, 
under certain circumstances, from the overall rate of reaction. 	Only 
a simple case will be discussed here although details of model re- 
actions can be found elsewhere (90). 	Let us assume the following 
gas - liquid reaction as irreversible and first order in A and B: 
(A) gas 	liq. 
+ z (B) 	-'- (Products) 1iq. 
where Z is the stoichiometric coefficient. 	This reaction will be 
pseudo first order if 
\//-ç 	






A* 	concentration of the solute A at the interface 
8° 	concentration of B in the bulk of liquid phase 
D 	diffusivity of A in the liquid phase 
k 2 	second order reaction constant 
kL 	mass transfer coefficient in the 	
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liquid phase 
In other words, there will be no depletion of B at the interface and 
the specific rate of absorption will be given by, 
R 	A* Vk 
L2
0 k B° 	 (2.9) 
If the reaction is fast enough so that 
ft k B° >>L 	
(2.10) 
which means that all A reacts within the penetration film, then 
R 	A \JID k2 B° 	 (2.11) 
and the total rate of absorption will be 
Ra 	A aT\//D k 2 B° 	 (2.12) 
where 
a 	
total dispersion interfacial area 
therefore 
a 	z 	 (2.13) 
T 





ad z interfacial area per unit volume of 	
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dispersion 
volume of dispersion 
There has been much controversy on the kinetics of several of the 
convenient reactions, in particular the oxidation of aqueous sodium 
sulphite solutions. 	The rate of this reaction is influenced by 
many variables, depending on the experimental conditions (ios). 
The uncertainty is probably responsible for most of the discrepancies 
found in the published results. 
The interfacial area given by the photographic technique involves the 
determination of a mean bubble diameter and of the dispersion hold-




Experimentally this technique is simple and also provides information 
on the bubble size distribution. 	However it is very time consuming 
and it has been demonstrated (to) that the results obtained by this 
technique are subject to serious uncertainties if truncation of the 
bubble size distribution results. 
The light attenuation technique is rapid and simple, although it only 
gives local measurements. 	It requires very simple instrumentation 
but it also has some limitations when the extent of light scattering 
is very great. 	Recent improvement in this technique (56) (50) 
enables it to be applied to a wider range of condition. 	This 
technique was chosen to measure interfacial areas in the present 
work and the results will be compared with other independent 
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measurements further on. 
2.6.1 	The light scattering technique 
This method (also called "the light obscuration method") was first 
used by Sauter (89/98) in 1928 and later by Vermeulen (1103) and 
Rogers et al (83). 	Calderbank (14) adapted and developed this 
technique to measure interfacial areas of gas - liquid and liquid - 
liquid dispersions. 	It makes use of the light scattering properties 
of dispersions. 	With reference to Fig. 2.12, a parallel beam of 
light is passed through the dispersion and is received by a photocell 
placed at the end of an internally blackened tube. 	Thus, only the 
light meeting no obstruction in its path will be received by the 
photocell, the scattered light being absorbed on the blackened tube. 
If A is the free area at any cross section in the light beam and 
a the projected babble area per unit volume of dispersion, it can 
be shown that (14) 
c 
0 in -i--- a 1 . 
p p c 
(2.16) 
where 
Ac 	= cross sectional area of the light beam 
1 	path length ( 	.93 x 10- 
2 
 m, Fig. 2.12) 
As the light intensity reaching the photocell is directly proportional 






















Fig. 2.12 - Interfacial area measuring equipment 
and explored positions in the tank 
A
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I  
0 	 C 
0 - = -	 (2.17) 
I 	A 
C 
Equation (2.16) can be rewritten as 
I 





I 	incident light intensity 
I 	transmitted light intensity 
It has also been shown (18 /9) that for dispersions of random 
particle shapes, if no concave surfaces are present, 




0 	 ad.l P- in - -	 (2.20) 
I 4 
2.6.2 	Experimental details 
As shown in Fig. 2.12, the equipment consists of two flexible fibre 
optic continuous light guides (PVC sleeved), 1.2 m long and about 
6.3 x 	m diameter, connected at one end to a quartz-iodine light 
source and at the other to a photocell. 	The guides were coaxially 
fixed in line by two rigid brass tubes; perspex rods were placed 
inside these internally blackened tubes at the extremities of the 
fibre optics, to transmit light through the dispersion to the photo- 
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cell. 	The assembly is supported by a metal structure which provides 
the means to move it radially and vertically inside the tank, as well 
as to change the optical path length. 	The light from the light 
source, passes through the dispersion and is received by the photocell 
which is connected to a light quantity meter and an electric timer. 
The meter is set to record a given quantity of light and by pressing 
the starting switch, the timer is automatically activated and switches 
off when that quantity is received. 	By this method the time required 
for the photocell to receive a quantity of light through the con-
tinuous phase only, to , and the time for the set light quantity to be 
received through the dispersion, td  are measured. 	Hence it can be 
shown (14) that 
I 	t 
- - 
 t 	 (2.21) 
I 	 0 
Substituting equation (2.21) into (2.20) gives 
td 	- 	ad.l p 	 (2.22) t L. 
This expression was used to calculate ad  at different positions in the 
tank (Fig. 2.12) and at several stirring speeds and gas flow rates. 
The value of 1 used was 4.93 x 10- 2  m, although it was verified that 
the results were independent of 1 within the convenient operational 
limits. A strong variation of the interfacial area with position in 
the body of the tank was found, in agreement with Calderbank (14); 
-1 	 -1 the experimental range of ad  was between 15 m and 200 m . 	The 
results of the point interfacial area measurements, using the Flat 
Blade Turbine - I and the Comb Blade Turbine - I, will be discussed 
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in Chapter 5. 
2.7 	MEASUREMENT OF THE MASS TRANSFER PRODUCT ( k La ) 
It is normal practice to use agitated vessels for the enhancement of 
mass transfer rates between a gas and a liquid. 	This important unit 
operation has been the subject of many publications which have dealt 
with the determination of the interfacial area, the liquid phase 
mass transfer coefficient, kL,  and the mass transfer product, kLa. 
Most techniques that have been used to measure k 
L  a can be divided 
into two categories: 	the chemical methods, generally based on 
steady state measurements, and the physical methods, which are 
carried out under non-steady state conditions. 
If we consider a gas dissolving in a liquid, without reacting, the 
rate of gas absorption is given by: 
R a 	k 




R 	rate of gas absorption per unit of 
interfacial area 
a 	= interfacial area per unit volume of 
liquid (ad/(l_H)) 
k 	liquid side mass transfer coefficient 
= concentration of dissolved gas in 
equilibrium with the partial pressure 
of the gas at the interface 
CL 	concentration of dissolved gas in the 
bulk of the liquid 
	 94, 
Among the simplified models proposed to simulate physical absorption 
processes, the most commonly used are: 
The film model, proposed by Whitman (111/25 ), according 
to which: 







where D is the diffusivity coefficient of the gas in the liquid phase 
and 5 is the thickness of the stagnant film assumed near the gas - 
liquid interface where only molecular diffusion of the dissolved gas 
takes place and all the resistance to mass transfer is presumed to 
be located. 
The Higbie Model (41) based on the surface renewal theory, 
postulates the replacement of a 11 elements of liquid exposed to the 
gas in the same length of time, 	by liquid of bulk composition. 
The liquid (exposed to the gas) absorbs gas as though it were 




- CL) 	 (2.26) 
and 
k 	= 2 
V111 	 (2.27) 
C) 	 The Danckwertts model (23) which is also a variant of the 
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surface renewal model, assumes that the chance of an element of 
liquid at the surface being replaced by fresh liquid is independent 
of the period of exposure. According to Danckwert's surface renewal 
model, the specific rate of absorption is given by: 
R 	VID 	(C* - C.) 	 (2.28) 
and 
(2.29) 
where s is the fraction of the area of surface which is replaced by 
fresh liquid per unit of time. 
The hydrodynamic properties of the system are accounted for by 6 in 
the film model, 0 in Higbie's penetration model and s' in the 
Danckwert's surface renewal theory. 
Under certain conditions, equation (2.23) can also be used if a reac-
tion takes place between the dissolved gas and the liquid. 	Let us 
take the simple example of the gas - liquid reaction given in Section 
2.6, 
(A) gas 	liq -- 
+ Z(B) 	(Products) iiq 
which is irreversible and first order with respect to both A and B. 
If the reaction is fast enough to keep the concentration of A in 
the bulk of the liquid phase equal to zero, while at the same time 
is not fast enough for any appreciable amount of A to react in the 
diffusion film near the surface of the liquid, then the rate of 
absorption is the same as that for physical absorption, equation (2.23), 
and 	
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R 	z 	k A' 	 (2.30) 
or 
R.a 	k 
L  a A 
	 (2.31) 
k 
L  a can then be found by measurement of the total rate of transfer of 
A(:R.a) 
The condition to be satisfied if A is to be zero in the bulk of the 
liquid is 
k 




where V   is the volume of the liquid. 	On the other hand, if no A is 





/ k L 2 << 1 
	
(2.33) 
Similarly, it is possible to make use of reactions of higher order in 
A and B, and details for a suitable choice of gas - liquid system 
can be found elsewhere (90). 	As outlined in the previous section, 
the relatively high salt concentrations used in this method always 
result in a non coalescent system. 	Besides, the conflicting data 
for the reaction kinetics and the drastic effect of minute quantities 
of impurities (inevitable in large open tanks) on the reaction rates 
lead us to opt for a physical method. 
In most of the recent physical method measurements (dynamic method) 
(92) (32) (84) (&), the determination of oxygen absorption rates is 
carried out by following the dissolved oxygen concentration under 
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non-steady state conditions by an oxygen electrode. 	In the present 
work a Beckman Fieldiab Oxygen Analyser combined with an 02  sensor 
was used. The sensor (usually called electrode) consists of a 
platinum cathode and a silver anode, which are electro-chemically 
connected by a potassium chloride solution. 	A gas-permeable 
membrane, fitted firmly against the cathode separates the electro- 
lytic cell from the membrane. 	In operation, the sensor is placed 
in the sample from where oxygen diffuses through the membrane and is 
electro-chemically reduced in the cell, causing a current flow pro- 
portional to the partial pressure of oxygen in the sample. 	The 
earlier investigators did not take into account the response time 
of the electrode, which caused large errors (28). 	Recently a 
number of papers have been published presenting models to describe 
the electrode response (28) (22), however diffusion through a liquid 
film and polymer membrane is a complex process and difficult to 
formulate mathematically (1. ). 	In this investigation the analysis 
of the oxygen contents of the liquid phase was not done continuously 
but samples were withdrawn from the tank, in paper cups, at regular 
intervals and the analysis was done after collecting all the samples 
using the oxygen sensor coupled to the Beckman analyser. 
2.7.1 	Experimental details 
The technique used in this work consists of removing the dissolved 
oxygen of the water in the tank, till its concentration becomes very 
small (but finite), by stripping with nitrogen. 	Then the nitrogen 
is switched off as well as the motor. 	The aeration is started by 
suddenly admitting air into the system and simultaneously starting 
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the motor and the clock and taking the first sample. 	Samples were 
withdrawn every 5 seconds for the oxygen analysis. An average of 
nine samples were taken since after approximately 45 seconds only 
small changes in the oxygen contents of the samples were found. 
However, air was allowed to bubble continuously into the system for 
about 15 minutes to allow the steady state conditions to be estab-
lished and the last sample, corresponding to the oxygen saturation 
concentration of the liquid phase, was then withdrawn. 
There was no specific temperature control of the tank water but the 
temperature was kept, by agitation, at more or less ambient conditions. 
The oxygen sensor was calibrated according to the Beckman instruction 
manual. 	During the analysis of the sample, a small magnetic stirrer 
was used to accelerate the electrode response, although it was 
ensured that the rate of agitation did not affect the final readings. 
2.8 	EXPERIMENTAL ERRORS 
Repeated measurements of power, gas hold-up and mass transfer product 
were performed, for each set of conditions, in order to average out 
any possible experimental errors. 	The power and kLa  measurements 
were reproducible within 5%, whereas the gas hold-up measurements 
gave a mean deviation of about 8%, mainly due to fluctuations in the 
manometer levels which cannot be completely avoided in such a 
turbulent system. 
CHAPTER 
AGITATOR POWER CONSUMPTION UNDER AERATED 




The power consumption characteristics of a variety of impeller con-
figurations were measured under gassed, as well as non-gassed, 
conditions and the results are discussed in this chapter, along with 
a literature review. 
3.2 	LITERATURE SURVEY 
3.2.1 	Power consumption of agitators in liquids 
The power drawn by an agitator in a liquid is determined by its 
rotational speed and the environment in which it operates. Following 
the work of White and co-workers (toe) (log) (iio), a generalised equation 
was derived by Rushton et al (85); they considered the fluid motion 
in mixing as being affected by three variables: 	the linear dimen- 
sions of the agitator and tank in which it operates, the fluid 
properties and the kinematic and dynamic characteristics of the flow. 
Consideration is given below to agitators operating in a "fully 
baffled" tank. 	Expressed in dimensionless terms the generalised 
equation is: 
X 	y 	Z 	 Z 	 Z 	 Z 
= 	1<1 ( NRe ) (NFr) (T/D)  1(HL/D) 2 (H1 /D) 3 (p/D) 
0 




D Impeller diameter 
T Tank diameter 
HL Liquid height 
H1 Impeller distance off tank bottom 
Pr Impeller blade pitch 
w Impeller blade width 
1 Impeller blade length 
S Baffle width 
11 Number of baffles 
Reference number of baffles n1f 
z 	Number of blades of impeller 
fl2f Reference number of impeller blades 
NRe Reynolds Number ( 	(pND 2 )/p) 
NF Froude Number ( 	(N2D)/g) 
N 
PO 
Power Number ( 	P/(pN3D 5 )) 
P Power consumption without aeration 
constant for a given geometry 
Thus equation (3.1) gives the power number as a function of the Reynolds 
Number, the Froude Number and a number of dimensionless shape factors, 
although it does not account for factors such as the impeller shape, 
the number and position of multiple impellers, tank shape, off centre 
impeller positioning, etc. 
Equation (3.1) can be simplified for a particular geometrical configura-
tion to yield 
N 
P 	2 	Re) x' 
(N ' (N Fr )Y 
0 
(3.2) 
where K2 is a constant for a given shape of tank and impeller. 	If 
the mixing tank is adequately baffled, no vortex or liquid surface 42 
depression occurs, the gravitational forces are negligible and the 
exponent of the Froude Number is then equal to zero. 
(3.2) becomes 
N 	= 	K (N 
)X 





P0 	Re versus N on log-log co-ordinates, Rushton found that 
the slope of this curve is -1 for all agitators used at NRc < 10, 
which is typical of the drag coefficient for laminar flow over bluff 
bodies in other fluid systems Hence equation (3.3) becomes 
P 	= 
0 2 
K jiN2 D3 
	
(3 . 
At high Reynolds numbers the value of x' in equation (3.3) was found 
to be zero, corresponding to fully developed turbulence and therefore 
P 	= 
0 2 
K p N 3 D 5 
	
(3.5) 
the value of K 2 being equal to N. Rushton published some values 
of N for propellers, flat paddles and flat blade turbines (86).PO 
The most commonly used of the latter consists of six flat blades 
mounted radially on a disc and will be referred to as a Rushton 
turbine. The value of N 
P0  reported for this turbine was 6.3 in the 
turbulent region. 	Several investigators have since obtained lower 
values of power number for this agitator. 	Calderbank (14 ) reported 
5.5 and Bates et al (5 ) found N 
PO 
= 5 for this kind of turbine at 
NRe > 10. This is perhaps due to minor geometric dissimilarities. 
For example, Nienow (64) and Wisdom (112) in recent work found an 
unexpected influence of the supporting disc diameter and thickness on 
the power number. 
3.2.2 	Po%.ier consumption in gas-liquid dispersions 	 43 
The factors influencing the power consumption of agitators operating 
in aerated liquids are complex and a universal relationship to predict 
power consumption accurately has not yet been found. 	Many correla- 
tions have been proposed and, once again, they are specific to the 
apparatus used and are only applicable within particular experimental 
ranges. 	The properties of dispersions near the turbine blades and 
in the bulk of the tank have also been examined in order to try to 
explain the sometimes conflicting correlations found for interfacial 
area, gas hold-up and mass transfer coefficients, but with little 
success. A summary of the most relevant papers will be presented 
in the following paragraphs. As some experiments were carried out 
with n-hexanol solutions, a brief review of the results obtained with 
aqueous electrolytes and non-electrolytes will also be included. 
The first attempt to correlate the power consumed in agitated gas 
liquid systems was made by Oyama and Endoh (69) and was based on 
dimensional analysis; they plotted the power ratio, PIP0 , against 
the aeration number, N  (z QIND 3 ) using a variety of impeller types. 
Later, Calderbank (14) used an identical correlation for a six 
bladed Rushton turbine operating in different aerated liquids; this 
took the form of two intersecting straight lines 
P/P 
0 	





o 	0.62 - 1.85 N 	for N > 0.035 a a 
although these results do not coincide exactly with the curve proposed 
by Oyama for the same kind of impeller. 	In both cases the curves 
were obtained by varying the gas flow rate at a constant speed. 
Later, Lee and Meyrick(52) plotting P/P versus N   for sodium 	
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sulphate solutions found good agreement with equation (3.6)., which 
led to the conclusion that the presence of sodium sulphate as a solute 
appeared to have little effect on power consumed. 
Michel and Miller (6 1) have shown that the change in P/P with varying 
N  is dependent upon whether N   is changed by altering Q or N; they 
obtained a family of curves, one for each gas rate. 	Logarithmic 
plots indicated that 
0.45 
P 	a 	(P 2 / N ) 	 (3.7) o 	a 




P 	c(° 0.56 
Q 
(3.8) 
' where C is a constant depending on the geometry of the impeller. 
For a Rushton turbine and tanks up to 22 litres, Cwas found equal to 
0.72. 	However this empirical correlation may not be reliable when 
applied to large scale equipment or for extreme values of gas rates. 
Nevertheless, it shows, by substituting P by N D p N3 D5 that the - 	
- 0 - 	O 	 - 
gassed power consumption is proportional to (N 7 D13 ) 
0.45
which is 
approximately N 3 D 5 . 
Pharamond et al (i) showed that equation (3.8) still holds for a 
785 litre tank if the value of C' is changed to 1. 	However, since 
this equation failed at extremes of gas flow rates, they proposed a 
new correlation 
1 - P/P 
0 	




only applicable for (Q/V) D °63 < 0.005 because above this value 
P/P 0  was found to be between 0.5 and 0.55. 
A different type of correlation was proposed by Clark and Vermeulen 
(19/40 ), as 
P/P 
0 	 we 
f (H . N 0.25 (D2 w/(T2 HL ))°5 ) 	(3.10) 
involving the gas hold-up and the Weber number (= p N 2 D 3 /a). 	Since 
they used a perforated plate as the tank bottom their results are not 
comparable with most published work (112). 	Recently Hassan and 
Robinson (o), using two small tanks (2 and 19 litres) with a turbine 
impeller (six blades) and a paddle agitator (with two and four blades) 
in water, aqueous electrolyte and non-electrolyte solutions, proposed 
a correlation also involving the Weber number: 
C 
PDP N °38 	C1 (N we 2 (3.11) 
where C1 and C 2 are constants dependent upon the liquid properties, 
type of impeller and tank size. 	In contrast to Lee and Meyrick (52) 
they found P/F, for the sodium sulphate solution, ranged from 80 to 
90% of that for water and non-electrolyte solutions. 	The authors 
suggested that this decrease in the gassed power was due to the 
significant increase in gas hold-up experienced in solutions. 
Hence, it may be concluded that numerical correlations of P appear to 
be highly specific with respect to impeller type and size, vessel 
scale, liquid properties and gas hold-up. 	Consequently published 
relationships are likely to be unreliable for wide application. 	
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Because of the limited application of proposed correlations, the 
physics of the dispersion process was then considered in more detail. 
Westerterp(ioe) measured interfacial areas in gas liquid contactors, 
up to 0.9 m diameter, by the chemical method (oxidation of sodium 
sulphite catalysed by Cu ions) and established a minimum rate of 
agitation above which the gas was effectively dispersed. 	This 
minimum agitation rate, ND was correlated by 
0.25 
N D 	(.-) 	(A + A (T/D) ) 	 (3.12) o p 
1 	2 
where A1 and A2 are constants dependent on the impeller type. For 
a six blade disk turbine A 1 = 1.22 and A 2 = 1.25. 	In another 
article (107) a more detailed study of the relationship between P/P 
and N   revealed, once again, a family of curves which exhibited a 
minimum close to that predicted above, although it has been found 
subsequently that this difference was under estimated (112). 	None- 
theless this was the first step to envisage a flow pattern inside the 
tank. 
Later Takeda ( 9G ) and Takashima (95) studied the. behaviour of gas 
liquid dispersions near the turbine blades. 	They have demonstrated 
the presence of vortex pairs, containing gas, trailing from the upper 
and lower horizontal edges of Rushton turbine blades. 	Van't Riet 
and Smith (coo) and later Nienow and Wisdom (), have taken a more 
extensive look at these vortices in an attempt to derive a mechanism 
for the gas - liquid dispersion process. 	The former investigators 
studied the flow in the impeller region using a television camera on 
a rotating platform. 	The impeller used was also a Rushton turbine, 
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and the photographs proved the existence of a pair of roll vortices 
at the rear of the blades, one above and the other under the support-
ing disc, as Fig. 3.1 shows. 	It was estimated (101) that at least 
80% of the fluid moving radially out of the impeller zone was within 
the catchment volume of one of these vortices. 	Hence the gas 
naturally migrates towards the vortex core and tends to form a cavity 
there. 	This cavity is therefore affected by the total gas flow 
through the impeller region. 	The shape of this cavity was studied 
in detail (8) and related to the agitator power. 	Depending on the 
gas inflow, three types of cavity were identified: 	vortex cavity, 
clinging cavity and large cavity. 	The consequent reduction of 
torque was found to be essentially due to the reduction of mass 
transported through the blade area. The minimum effective speed 








corresponding to the formation of a large cavity. 
A direct relationship between power consumption and cavity formation 
was shown by plotting P/P against N   (varying the gas flow rate at 
a given speed). 	The influence of the surface tension and dissolved 
ionic salutes was studied in solutions of aqueous sodium chloride, 
aqueous 'Teepol' and kerosene. 	Despite the production of much smaller 
bubbles and the appreciable change in surface tension of the last two 
systems compared to that of water, the cavity shape and consequently 
the power demands were unaltered. 	In contrast, the effect of viscos- 
ity on cavity formation was found to be rather complex. 
Direction 
,-.f 	tf4,r. 
Fig. 3.1 - Schematic three dimensional view 
of the trailing vortex pair 









Fig. 3.2 - Division of the recirculating gas flow 
(after Van't Riet et al (ioa)) 
A method for scale-up was suggested based on similar cavity forms 
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being independent of vessel geometry. 	Once more, the aeration 
number, N, does not correlate satisfactorily as a scaling variable 
although it has been chosen because Q/ND3 represents the ratio 
between the gas inflow rate into the cavity and the outflow. 	For 
large impeller sizes, this value of Q may be supplemented by gas from 
the recirculation vortices. 	Studies of recirculation (to) in 
standard and non-standard vessels with H T/2, showed that bubbles 
present in the recirculation flow are also drawn into the cavity 
because of local pressure differences. 	Fig. 3.2 illustrates the 
mode of recirculating gas flow. 	In this way, power consumption 
found at a certain gas inflow Q, with recirculation, corresponds to 
higher values of Q without recirculation and the power curves are 
then shifted to the left. 	However, in the larger tank (1.5 m 
diameter) little or no gas recirculation was seen. 	Experiments 
using different types of blades also showed that power is dependent 
on the impeller blade geometry and number of blades. 
The hydrodynamics close to the impeller are of crucial importance to 
an understanding of the effect of gas dispersion on power consumption. 
However it is also necessary to consider the bulk mixing phenomena of 
flooding, recirculation and surface aeration. 	Of relevance in this 
field are the publications of Nienow and Wisdom (66) (i) 
Visual observations in a 0.29 m diameter tank showed that for a par-
ticular gas rate, the bulk mixing stages, indicated by Fig. 3.3, are 
successively passed through as the impeller speed is increased. 
Flooding is defined here as the condition corresponding to the transi-
tion of Fig. 3.3 d) to c), or in other words, is the minimum impeller 
speed above which gas is dispersed throughout the whole of the tank. 
I 0 C 
I 	•'• q 
I 	: 	 'b 
I c 
, I 	' 
(a) 	 (b) 	 (c) 	 (d) 	 (e) 
Fig. 3.3 - Bulk flow patterns with increasing speed, N 




This definition is in disagreement with Rushton and Bimbinet (g7) who 
defined flooding as the transition from Fig. 3 .3 c) to b). 	Recir- 
culation is defined as the minimum impeller velocity beyond which 
sparged gas is supplemented by gross recirculation vortices, as Fig. 
3.3 e) shows. 	According to Smith and co-workers (100) () recir- 
culation may occur to some extent, especially for small tanks, for 
(N ) < (N ) . 	It must also be pointed out that the plots of P/P a 	aF 0 
against N, presented by Nienow, in most of the cases are different 
from the curves presented by Smith et al, because in the former 
experiments, N was varied by varying the speed at a constant gas flow 
rate, whereas in the latter it was the contrary; Figs. 3.4 and 3.5 
show this schematically. 	The minima and the peaks shown by Fig. 3.5, 
obtained by Nienow and Wisdom (66) , correspond to the flooding and 
recirculation points respectively. 	These minima were also observed 
by Westerterp (toi) and by Bruijn et al (9) , although they do not 
coincide numerically. 	From studies in several systems and tank 
sizes up to 1.8 m diameter (6?) the following correlations were pro-
posed to predict the flooding point, NF, and the recirculation point, 
NR , 










although the peak corresponding to recirculation was seldom achieved 
experimentally. 	Nevertheless, provided H1<  T/3, so that surface 
entrainment of gas can be neglected, and six bladed Rushton turbines 
are used between NF and  NR,  the variation of P IF with Q/ND3 is in 








Fig. 3.4 - Typical P1p vs N   plots at constant N 
A 





Fig. 3.5 - Typical 	
o 	a 
vs N plots at constant Q 
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between flooding and recirculation is regarded as the efficient mixing 
region. 
Another prediction of the flooding on-set point was recently presented 
by Bicok and Simonovic ( ) as 
NF3. D2 	211 vs1.124 	 (3.16) 
for a six blade turbine, in water, and vessels from 0.3 to 0.67 m 
diameter. It was also shown that similar hydrodynamic states are 
achieved, in geometrically similar systems (tank and impeller) at 
equal values of superficial gas velocity and at equal values of 
(N - NF) 	Ni,. 
3.3 	EXPERIMENTAL 
Power measurements were carried out, under gassed and non-gassed 
conditions, according to the technique described in Section 2.3, for 
all impellers using the 600 litre tank (Fig. 2.1). 	The maximum 
possible rotational speed was imposed by equipment limitations. 	The 
gas flow rates used were 4.16, 5.83 and 8.33 x 10 	m3/s (250, 350 
and 500 lit/mm) corresponding respectively to 0.416, 0.583 and 0.833 
v.v.m. (volume of gas per volume of liquid per minute, = 60 Q/V); 
typical industrial figures are in the range of 0.5 to 1 min
-1 
. 
These gas flow rates also correspond to the following superficial 
gas velocities: 	6.34, 8.87 and 12.7 x 10 	m/s. 	The minimum 
rotational speed, in the present work, varied with the type of 
impeller and was based on visual observations of the surface of the 
dispersion; thus, the non-homogeneous distribution of large bubbles 
throughout the surface was always avoided. 	 54 
Additional experiments were performed in n-hexanol solutions for 
F.B.T.-I and C.B.T.-I. 	Some experiments were also carried out using 
"comb" baffles along with the C.B.T.-II in tap water. 
3.4 	RESULTS 
Ungassed power requirements per unit volume of liquid, Ply, ungassed 
power number, N , and Reynolds number, N , are presented in Tables 
	
P0 	 Re 
A.l to A.lO (Appendix A) for all the agitators, in tap water, as a 
function of the impeller rotational speed. As the Reynolds number 
was only varied two fold, no significant changes were found for N 
PO 
which may be considered as reasonably constant with a root mean 
square deviation of about 5%, for all turbines except for the six 
comb ring sets, S.C.R.-I and S.C.R.-II. 	These two impellers showed 
a significant variation of N with NRe (Fig. 3.6), probably due to
PO 
surface aeration (20) as the upper rings were quite close to the 
surface. A mean value can be calculated in order to compare the 
results of mean power number with all the other agitators. These 
results are summarized in Table 3.1. 
Tables A.18 to A.27 (Appendix A) show P/V, N. P/P and N   for 
different rotational speeds at the three specified gas flow rates 
for all the agitators in air-tap water dispersions. 
Power measurements for 0.01% n-hexanol solutions (n-hexanol concentra-
tion had practically no effect on power measurements) are presented 
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Fig. 3.6 - Variation of the power number with the Reynolds 
number for the S.C.R.-I and S.C.R.-II 
Table 3.1 
Mean power number for the different agitators 
in tap water without aeration 
Type of Agitator Mean Power Number 
F.B.T.-I 5.00 
F.B.T.-II 2.51 x 10_1 
C.B.T.-I 2.76 
C.B.T.-II 3.36 
C.B.T.-III 8.75 x 10- 2 
S.C.R.-I 1.61 
S.C.R.-II 1.79 
D.I. 	-I 6.28 x 10- 2 
D.I. 	-II 8.76 x 10- 2 







in Tables A.11 and A.12 for F.B.T.-I and C.B.T.-I respectively, for 
non-aerated conditions and in Tables A.28 and A.20 at a gas flow 
rate of 4.16 x 	m3/s. 	Power requirements for the C.B.T.-II 
using the "comb" baffles are presented in Tables A.13 and A.30 
respectively for non-aerated and aerated conditions. 
3.5 	DISCUSSION 
3.5.1 	Power consumption without aeration (tap water) 
The value of N found for the F.B.T.-I (= 5) is in broad agreement 
with that published in the literature (5 ) for the Rushton turbine. 
In order to relate the power dissipated with the geometry of the 
impeller, an attempt was made to compare the drag coefficient, CD, 
evaluated from the power number, and that observed in linear flow 
over a bluff body of the same kind. 
Let us take for instance the F.B.T.-I. 	Since the drag coefficient 
is constant at high Reynolds numbers, the total drag force exerted 
on each blade, taking account of varying velocity in rotational 
motion, is given by 
= 	(1/2) p (2 71 N)2 CD  w CR3 - R. 3 ) / 3 
where 
R. 	= inner radius of the blade 
1 
R 	outer radius of the blade 
0 






(1/16) p (ii N)3 CD  w (D 4 	D. 4 ) (3.18) 
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D (overall impeller diameter) 
the power number, for each blade, will be 
0 
	 1.94 CD w (D4 - D. 4 ) / D 5 
	
(3.19) 
Substituting in the above equation the dimensions of the flat blade 
turbine (with six blades), from Section 2.2.2, the value of N from 
Table 3.1 and considering that the value of 	to be (1/6) N 3 the 
drag coefficient for the flat blades of F.B.T.-I was found to be 
2.18. 	This value is not far from the value for an infinite plate 
normal to a fluid stream (= 1.8) given in the literature (44),'  
although it is higher than the value obtained for a square plate, 
which was found to be approximately 1.2. 	This discrepancy is most 
probably due to the complexity of the flow near the impeller (which 
is far from undisturbed) and also due to the mutual influence of 
the blades. 	This effect is illustrated by the results published 
by Rushton et al (86) for various flat blade turbines, with the same 
diameter but different number of blades, where the increase in N 
PO  
was not directly proportional to the increase in the number of blades. 
Moreover, it has been shown that turbulence in the fluid incident 
upon a bluff body increases the drag coefficient, observed with low 
turbulence levels. 
The drag coefficients were also calculated for the rod arrangement of 
C.B.T.-I and C.B.T.-II. 	Measurements of power consumption were 
carried out with the frame work of these turbines, Tables A.14 and 
A.15 (Appendix A) in order to evaluate its contribution to the total 
power consumption. 	From the results of Tables A.3 - A.14, and 
A.4 - A.15, we can evaluate the power dissipated by the rods alone. 
These calculations are summarized in Tables A.16 and A.17 respectively 
for the C.B.T.-I and C.B.T.-II. 	The mean power number was found to 
be 1.59 and 0.82 respectively for both turbines. 	With these values 
of N 
P0  and the geometrical dimensions given in Section 2.2.2, the 
drag coefficient was evaluated, from equation (3.19), to give 
(CD) 	 1.12 
rod arrangement of C.B. -I 
( CD)0. 58 
rod arrangement of C.B. -II 
3.12 < Nx 10 	< 6.23 Re 
) 
) 
As expected, there is a strong effect of the proximity of the rods. 
Comparisons with the literature, for the case of cylinders, are 
difficult since 	besides depending on the Reynolds number, depends 
markedly on the turbulence of the fluid surroundings (6), as well as 
on the roughness of the cylinder. 	The former effects possibly 
explain the difference observed in the above values. 	Therefore it 
can be concluded that the values of N (and consequently power
PO 
consumption) cannot be predicted from published data for undisturbed 
flow over the equivalent bluff body. 
The effect on power consumption of the number and position of the 
holes in the disc impellers I, II and III was found to be in agree-
ment with Glaeser et al (35). 	However quantitative comparisons 
cannot be made since neither the radial position of the holes nor the 
ratio of the hole to impeller diameter was the same as that used in 
the present studies. 
3.5.2 	Effect of aeration on power consumption (tap water) 	
59 
Plots of P/P 
o 	 a against N were found to be most convenient to show 
the effect of agitator type on power reduction and to compare the 
results obtained in the present work with those in the literature 
(8 ) (7) where visualization of the flow pattern near the impeller 
blades (Rushton turbine) was possible. 	Since only three gas flow 
rates were studied, N   was always varied by varying N and, as 
Figs. 3.4 and 3.5 show, this is the best way of detecting 'flooding' 
and 'recirculation' as defined by other workers (7). 
The influence of impeller type can be summarized as follows: 
a) 	Six Blade Turbines 
Flat Blade Turbine - I (F.B.T.-I) 
Fig. 3.7 shows the variation of P/P 
o 	a versus N for F.B.T.-I at the 
three specified gas flow rates; the curves show a similar trend to 
the curves published by Nienow et al (G?) for a Rushton turbine. 
The dashed line (Fig. 3.7) indicates the final trend followed by all 
curves, which is in agreement with that reported by Nienow, Wisdom 
and Middleton for the "efficient region" in a 0.91 m diameter tank 
(67). 	The full line represents the correlation proposed by 
Calderbank, equation (3.6). 
Table 3.2 summarizes the most common correlations for the prediction 
of the minimum effective impeller speed and flooding onset point for 
a Rushton turbine. 	The cavity theory (B ), equation (3.12), gives 
1.( 
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the lowest value although no relationship was established, by Bruijn 
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et al (8 ), between this value and the physical state of the disper-
sion. 	The minimum impeller speed defined by Westerterp (107), 
(N = 3.22 S 1 ), is close to that predicted by Nienow et al (G7) for 
the lowest air flow rate (NF = 3.39 S_ 1 ). 	However, Nienow's flooding 
point prediction varies from 3.39 to 4.79 s_i depending on the gas 
flow rate (Table 3.2). 	The flooding point found in the present work 
for F.B.T.-I (Fig. 3.7) was about NF = 4.6 S 1 for all gas flow rates, 
which is in good agreement with the predicted values for the Rushton 
turbine, although the dependency on gas flow rate could not be 
established owing to the flatness of the minimum at higher gas flow 
rates. 
No sharp maximum corresponding to gross recirculation (Fig. 3.5) was 
observed at high impeller speeds, although plots of N versus N, 
Fig. 3.8, show a slight decrease in power, at values of N higher than 
6.7 S_ 1. 	This value is near to the values of NR predicted by 
equation (3.14) for a 0.274 m diameter Rushton turbine in a 0.915 m 
diameter tank. However the predicted values of NR  vary from 6.13 to 
7.04 S_ 1 when Q is changed from 4.16 to 8.33 x 10- 3 m 3/s but, as can 
be seen from Fig. 3.8, differences in NR  with Q could not be 
established. 
Flat Blade Turbine 	II (F.B.T.-II) 
The range of variation of N  for this turbine is different from the 
previous one, due to the increase in impeller diameter and thus no 
direct comparisons can be made between the two. However, if we take 
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line on Fig. 3.10, as a reference, we can see that the P/P curves 
	GS 
are all below that line, whereas, for F.B.T.-I they were just above. 
This leads to the conclusion that the power reduction is more 
significant in this case although no superior performance was 
achieved in terms of the gas hold up or gas absorption rate, as will 
be seen in the following chapters. 
The maxima exhibited by the curves of Fig. 3.10 are assumed to be due 
to oscillations in N 
P0  rather than recirculation effects, since they 
are not evident in the plots of N versus Na Fig. 3.9. 
Comb Blade Turbine - I (C.B.T.-I) 
As Figs. 3.11 and 3.12 show, the three curves corresponding to the 
specified gas flow rates show the same trend; a continuous increase 
in P/P a 	P 	a 
and N when N decreases. 	The values of P/P for the same 
a 
values of N a are less for this turbine than for F.B.T.-I, which is 
not surprising since the cavities formed behind the flat blades, 
responsible for the decrease in power, cannot form to such an extent 
at the rear of the rods which are themselves streamlined to some 
degree. 
Comb Blade Turbine - II (C.B.T.-II) 
Plots of N and P/P versus Na Figs. 3.13 and 3.14, show the same 
trend as for the C.B.T.-I, although in this case the curves show a 
minimum, presumably corresponding to the flooding onset point. 	The 
effect of gas in reducing the power is even less than in C.B.T.-I. 
2.5 
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Comb Blade Turbine - III (C.B.T.-III) 
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Figs. 3.15 and 3.16 indicate the gassed power and power ratio varia-
tion with the aeration number for the Comb Blade Turbine - III. As 
can be seen, both vary over a very narrow range, N between (475 - 
5.75) x lo and P/P0 between 0.55 and 0.65. 	As the order of magni- 
tude of N   is approximately 10 times less than that for C.B.T.-I and 
C.B.T.-II, it can be concluded that the power drawn by the long-rod 
is more affected by aeration than is the multiple short-rod 
arrangement. 
I Multiple Impellers 
Plots of N and P/P versus N  for the Six Comb Rings - I, Figs. 3.17 
and 3.18, show that the gassed power number and the power reduction 
vary in a different way with the aeration number; the former shows 
a maximum whereas the latter shows a minimum. This is probably due 
to the decrease found in N 
P0  at high impeller speeds, attributed to 
surface aeration (Section 3.4.1). 	The same explanation can be 
applied to the results for the Six Comb Rings - II, Figs. 3.19 and 
3.20. 	As Figs. 3.18 and 3.20 show, the effect of gas flow rate on 
power reduction is approximately the same for both impellers. 
Disc Impellers 
Figs. 3.21 to 3.26 show the plots of N 
p 	 0 
and P/P versus N for the 
a 
Disc Impellers - I, II and III. 	It can be seen that the shape of the 
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sented by a single curve for all the impellers. 
3.5.3 	Comprehensive plot giving power consumption in air - 
water dispersions 
The plot suggested by Michel and Miller (62 ), of P versus P 2IN, 
on a logarithmic scale, was found to be useful in correlating the 
data for all the impellers. 	These authors also found a slight 




In this work, as the gas flow rate was only varied two-fold, the 
results were well correlated for all the impellers according to the 
equation 
P = a1 (P 2 / N) 1 
	
(3.21) 
Fig. 3.27 shows the p versus P 	 / N  plots for the different impellers. 
The values of a and b1 are given in Table 3.3 along with the appro-
priate legend used in Fig. 3.27. 	As can be seen, the values of b1 
vary between 0.41 and 0.49 and an average value of 0.5 (which is in 
agreement with that proposed by Michel and Miller (61)) can be used to 
recalculate a according to 
P 	a 	(P 2 / N)045 
	
(3.22) 
The new values of a are presented in Table 3.4, which predicts P 
within a maximum absolute deviation of about 18%. 
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Fig. 3.27 - Effect of impeller type on gassed power consumption according to equation (3.21) 
Table 3.3 
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Values of a 1 and b1 , for each impeller, according to. 
b 
P 	a' (P 2 / N 	1 1 o 	a 
Type of Impeller 	Symbol in 	 a1 	 b1 
Fig. 3.27 
F.B.T.-I 1 0.324 0.446 
F.B.T.-II 2 0.296 0.426 
C.B.T.-I 3 0.231 0.471 
C.B.T.-II 4 0.301 0.462 
C.B.T.--III 5 0.201 0.421 
S.C.R.-I 6 0.276 0.438 
S.C.R.-II 7 0.418 0.416 
D.I. 	-I 8 0.247 0.423 
D.I. 	-II 9 0.047 0.491 
D.I. 	-III 10 0.059 0.471 
Table 3.4 
Values of a, for each impeller, according to 
2 	0.45 P = a
1 
 (P0  IN a  ) 
Type of Impeller 	 a' 
F.B.T.-I 	 0.302 	(t 0.0046) 
F.B.T.-II 0.181 (t 0.0059) 
C.B.T.-I 0.342 (t 0.0043) 
C.B.T.-II 0.383 (1 0.0049) 
C.B.T.-III 0.113 (t 0.0059) 
S.C.R.-I 0.224 (± 0.0053) 
S.C.R.-II 0.219 ( 0.0031) 
D.I. 	-I 0.145 (t 0.0051) 
D.I. 	-II 0.112 ( 0.0033) 
D.I. 	-III 0.089 (t 0.0017) 
the quantities given in brackets refer to a 95% con-
fidence interval for the estimated value of a1 
The fact that the data for all the impellers were well represented 
	W. 
by equation (3.22) leads to the conclusion that the gassed power is 
approximately proportional to N 3 D5 , being independent of the 
agitator configuration. 	However, the different values of a obtained 
for different impellers indicate that the group P 2 / N  does not 
account for the geometrical differences between the impellers. 
3.5.4 	Power requirements in n-hexanol solutions 
The mean power number under non-aerated conditions was found as 4.65 
and 2.59 respectively for F.B.T.-I and C.B.T.-I, with a root mean 
square deviation of about 4.5%; these values are marginally less 
(8%) than those obtained for identical conditions in tap water. 
The large gas hold-up experienced under sparging conditions limited 
the gas flow rate to only Q = 4.16 x 	m3/s (250 lit/mm). 
Figs. 3.28 and 3.29 show the N and P/P versus N plots for both 
p 	o 	a 
turbines at this gas flow rate. A decrease of about 13% can be 
noticed in N 
p 
 and P/P 0 , for both turbines, in comparison with 
corresponding measurements in aerated tap water. 
3.5.5 	Effect of "comb" baffles on power consumption 
The mean power number obtained, under non-aerated conditions, for the 
C..B.T.-II using the "comb" baffles was found to be 3.21. 	This value 
is close to that obtained using the same impeller with standard baffles 
(N= 3.36). 	Plots of gassed power number and power ratio against 
P0 
3.0 
B .1.- I 
I.- i 
Na xi 0 2  
Fig. 3.28 	- N 
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vs N for F.B.T.-I and C.B.T.-I in n-hexanol 
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the aeration number, Figs. 3.30 and 3.31, are also very similar to 
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those of Fig. 3.13 and 3.14. 
3.6 	CONCLUSIONS 
The impeller geometry was found to have a significant influence on 
power requirements under both gassed and ungassed conditions. 
A comprehensive plot of the type proposed by Michel and Miller (Gi) 
was found useful to compare the gassed power requirements for all 
the agitators. 	Plots of P/P versus (P 2 / N)045 showed different 
slopes for the various agitators, despite the fact that the correlating 
parameter (P 2 / N a  ) already include geometric dissimilarities. 	The 
different slopes obtained in such plots can, therefore, be used to 




BUBBLE SIZE AND VELOCITY 
L!Z 
4.1 	INTRODUCTION 
The most relevant mean bubble size, from the point of view of mass 
transfer relationships, is the surface-volume mean or Sauter mean 





H 	gas hold-up 
ad 	interfacial area per unit 
volume of dispersion 
or, for a dispersion of spherical bubbles 
3 
f. d 
1 b. d 	- 	 1 Sm - 
2 
. f d E 	b. 
1 
where 
d 	diameter of bubble in size class i 
1 
f. 	number fraction of bubbles of size 
1 
class I in dispersion volume 
The last definition allows the calculation of d 5 knowing the 
bubble size distribution. 
(L.l) 
(+.2) 
In order to calculate bubble parameters, it was decided to use an 
electroresistivi-ty probe, described earlier in section (2.4.11 This 
technique has never been used before to study bubbles in mixing vessels 
and it is therefore of great interest to know the variation of mean 
bubble sizes and velocities throughout the tank as a function of 	
84 
impeller rotational speeds and gas flow rates. These local measure-
ments may be compared with the values given by equation (4.1), derived 
from the ratio of the independently measured gas hold-up and inter-
facial area (Chapter 5). 
These measurements were carried out for two kinds of turbines only: 
the Flat Blade Turbine - I and the Comb Blade Turbine - I. 	The 
bubbles formed in the n-hexanol aqueous solutions were too small to 
be measured accurately with the probe described and a much smaller 
probe would be very difficult to construct. 
4.2 	LITERATURE SURVEY 
Very little information is available, in the literature, on bubble 
size and velocity for gas bubble dispersions in mixing tanks. 	Most 
of the published data for Sauter mean bubble diameter was evaluated 
from measurements of gas hold-up and interfacial area and not from 
direct point measurements of the bubble parameters, as presented in 
this chapter. Also, experimental values of bubble velocity as it 
is influenced by circulation inside the tank have never been published. 
Nonetheless, some aspects of the fluid dynamics of dispersions leading 
to correlations for bubble diameters will be discussed in the following 
paragraphs. 	Also, and despite the fact that bubbles in a mixing 
vessel will undoubtedly be subjected to mutual interactions as well 
as liquid circulation, it was thought useful to present a brief out-
line of conclusions reached by different investigators on single, 
isolated bubbles rising in liquids, to obtain a better comprehension 
of the results obtained in the present case. 
The interdispersion of immiscible fluids is brought about by fluid 
dynamical forces which have to overcome the static force of surface 
tension. Such surface forces resist dispersion by attempting to 
retain bubble or drop sphericity and prevent gross distortion leading 
to break-up. 	The creation of such a stable bubble size can be 
justified by consideration of the fluid dynamical forces which act 
on the dispersed phase. 	The three stresses acting on the dispersed 
phase are: 	shear stress, surface tension and the viscous stress in 
the dispersed phase. 
In the case of gas-liquid dispersions, viscous stresses can be ignored 
(13) and the bubble size equilibrium, reached when the ratio of shear 
to surface tension stresses has a particular value, can be represented 
by a critical value of the dimensionless Weber number, 
T d  
N 	 ('t.3) 
we a 
The critical Weber number is a characteristic of the fluid properties 
and the dispersion equipment. 	Thus, from Hinze (42) and Taylor (97), 
if the Weber number has not attained its critical value for a particular 
two phase contacting system, then further break-up of the dispersed 
phase occurs until a stable bubble diameter is produced and (N ) 
we crit. 
is achieved. 
Using the theory of local isotropic turbulence, Batchelor ( ) derived 
the shear stress in the immediate vicinity of a gas bubble, as given 
by, 
C p ( (Ply) (dblp) 
)2/3 	 (44) 
where P/V is the power input per unit of volume of fluid and C is 
a dimensionless constant to which Batchelor assigned the value of 2. 
From equations (4.3) and (4.4) and taking Nwe  as a constant specific 
to the mixing system, the bubble diameter becomes 
0.6 




Investigations into the effect on stable bubble size of mechanical 
agitation have produced the following results. 	Calderbank (14) 
carried out measurements of drop and bubble sizes in mixing vessels 
using six-blade turbines in geometrically similar vessels. He found 
for dispersions of gas in pure agitated liquids 
ds 	4.15 [aO.6/P/v)04 . p
0.2 	1/2 
H H 	+ 9 x 	 (4.6) 
which was obtained by measuring interfacial areas at many points in 
the body of the tank, calculating an integral mean area and comparing 
this with a measured overall gas hold-up. 	Besides depending on the 
power input, Calderbank's data led to the conclusion that the import-
ant factor determing the interfacial area and bubble size is the 
gas hold-up. 	Furthermore, beyond a minimum stirring velocity 
necessary to disperse the gas, the bubble size could be expected to 
be fairly independent of stirring rate (99). 	This was later con- 
firmed by some photographs presented by Preen (1? /106). 	Similar 
conclusions can be drawn from the work of Westerterp et al (1o) (to;). 
They found the bubble size to be substantially independent of the 
impeller speed, although the values obtained for d   were higher than 
those predicted from equation (4.6). 	This may be due to the much 
higher range of gas hold-up employed and the faulty kinetics used 
to evaluate the interfacial area (ios) by the chemical method. 
A considerable amount of work on the free rising velocity of single 87 
bubbles in liquids has been carried out and details can be found in 
Johnson's Thesis (46). 	The most important conclusions are outlined 
below: 
Bubbles in water of less than 0.12 cm diameter exist in the 
spherical form and rise with a velocity given by Stokes (94) as 
where 
8L 	2/3 = 	Vb ('+.7) 
V 	= bubble volume 
Bubbles in water above 1.8 cm diameter have a spherical cap 
shape and rise with a velocity, which can be described by a Davies 
and Taylor (26) type of relationship as, 
U 	
1.02 /g de / 2 	 (4.8) 
where 
de 	bubble equivalent spherical diameter 
C) 	Bubbles in water with diameter between these two values appear 
to have ellipsoidal shape, being oblate spheroids between 0.12 and 
0.60 cm diameter and irregular ellipsoids between 0.60 and 1.8 cm 
diameter (56). 	The bubble velocity is highly dependent on the purity 
of water and it is difficult to predict the bubble rising velocity for 
this region. 	Fig. 4.1 shows the results obtained by Haberman and 
Morton (38) using filtered (the dotted curve) and tap water. 	The 
vertical dashed lines presented on the graph indicate the region of 
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Fig. 4.1 	Terminal velocity of air bubbles in tap 
water as a function of bubble size 
(after Haberman and Morton (38)) 
4.3 	PROBE OUTPUT ANALYSIS 	 89 
The analysis of the probe output referred to in section 2.4.1 contains 
a logical sequence of decision criteria which enable the probe to 
resolve the position at which it is struck by the bubble relative 
to the bubble centre line and the probe axis and to reject the off-
centre bubble encounters. 
The data processing was developed in logic suitable for implementa-
tion on a small digital computer, D E C P D P 8/e, and was trans-
lated into binary computer instructions using assembler language 
(Pal 8). 	Details of this program are described elsewhere (9), 
although a brief summary of the discrimination logic is presented 
below. 
4.3.1 	The pulse sequence 
The probe discrimination function is achieved by symmetrically dispos-
ing three contacts around and above the first contact (Figs. 2.7 and 
2.8) so that all three exist in a horizontal plane at a known distance 
above the central contact and radially equl-spaced from it. 
When the probe contacts are in liquid the voltage is at a rnaxirnwn. 
When a bubble strikes a contact, the voltage falls, and if its value 
Digital Equipment Corporation 























V . mm 
Fig. 4.2 - Ideal pulse sequence generated by the probe for a 
successful bubble (After Burgess (9)) 
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is below a previously defined 
V 0 
= 0.5 Volt, then the channel is 
considered to be in a bubble; the discrimination is achieved by 
requiring the mean coincidence of the probe and bubble centre lines 
within given limits, and is obtained in practice by comparing the 
delay times as positive going pulses from the leading contact 
(channel 1) to the three separate upper contacts (channels 2,3, and 
4) and fixing the ratio minimum delay - maximum delay between 0.8 
and 1. 	In order to ensure that the bubble had no lateral movement, 
when in contact with the probe, a second discrimination function was 
invoked by requiring that the duration of the pulses on the three 
upper contacts were nearly identical, such that the ratio minimum - 
maximum pulse duration was between 0.65 and 1. 	Having satisfactorily 
passed all these conditions the bubble probe encounter can be con- 
sidered successful. 	Fig. 4.2 shows an ideal pulse sequence for 
this condition. 
4.3.2 	Correction for probe drainage 
As shown in Fig. 4.2 the pulses are not square but have a slow fall 
when the probe passes from liquid to gas and a rapid rise from gas 
to liquid. 	This is due to the finite rate of film thinning at the 
probe tip and could give rise to uncertainty in the pulse duration 
and, therefore, in the bubble size. 	As the voltage fall curve on 
channel 1 is continuously stored in the computer memory until it 
drops below a value of v 4 v, it can be analysed afterwards, if the 
encounter is successful. 	This analysis consists of small lineariza- 
tions of the falling pulse in order to determine the instant of pulse 
commencement by back extrapolation. 	The compensation for the 
response time of the wetted element is explained in detail elsewhere 
92 
(9). 
4.3.3 	Bubble rise velocity and diameter 




T12 -$-T13 +T14 (4.9) 
where d is the vertical separation distance between the leading 
contact and the three upper contacts, and T 12 , T13 and T14 , which are 
the pulse delay times between the leading contact and the three upper 
contacts. The bubble central length which, assuming the bubbles are 
spheres, is equal to the bubble diameter, db, is obtained from the 
bubble velocity, Ub, and the pulse duration on the leading channel 
after correction, T10 , as 
tJb . T1c 	 (4.10) 
Furthermore, each bubble is classified according to its diameter 
class, and the mean velocity of each class is calculated as, 
n 
Z  
UI 	 (4.11) 
where 
n. 	number of bubbles of size class i 
1 
To calculate the number fraction of bubbles in size class i, in the 
volume of the dispersion, f., an expression deduced by Burgess and 
Calderbank (10) was used. 	Thus, if the probability of detection of 
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a bubble j by the probe is P(j), and n. is the number of bubbles of 
this size in the dispersion volume, the number of bubbles detected by 
the probe, n, is given by 
	







the probability of a bubble stiking the probe successfully (bubble 
frequency) is proportional to its projected area, A., its abundance 
and its rising velocity, U., 























The point sauter mean bubble diameter given by equation (.2) is thus 
equal to 
d  





4.3.4 	Bubble measurement timing errors 
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The error in velocity as it is recorded by the probe, is associated 
with the time the bubble takes to pass through the probe vertical 
separation distance. 	As equation (4.9) shows, the bubble velocity 
is calculated from the probe separation, d, and the mean pulse delay 
time between the leading and the three upper channels, which is 
measured in digital mode as a discrete number of loops of computer 
logic. 	Each loop represents the time taken for the computer to 








n 	of loops from a pulse on the leading 
channel to the corresponding pulses on the 
upper channels (i2, 3 and 4) 
T1 	loop time (= 297 psec) 
As the number of loops must always be an integer, the velocity 
calculated by the above equation is always less or equal to the actual 
bubble velocity. 	Similarly equation (4.10) can also be reformulated 
to give 
db 	tib 	
nil . T1 	 (4.19) 
where 
n 	number of loops for which the leading channel 
(channel 1) remains in non-conducting mode 








As the value of nil is always greater than n1 . (i2, 3, 4) the error 
in the bubble diameter, db, was found to be almost independent of 
bubble size and mainly dependent on bubble velocity. 	An approximate 
error propagation analysis (6 ) revealed that for a bubble of 0.3 cm 
diameter and velocity of 40 cm/sec, being representative properties 
i as found in this work, (n 	26 and - 	n . 	9), there is a 
	
11 31z2 ]1 
maximum relative uncertainty of about 6% for both velocity and 
bubble size. 	This error increases as the bubble velocity increases. 
Thus for the same bubble travelling at a velocity of 80 cm/sec the 
maximum relative uncertainty will be about 11.5%. 
This measurement error could be improved if the loop time were to be 
reduced by means of a higher speed computer. 	The alternative of 
using a probe with a larger separation distance, d, would result in 
deleting some of the smaller bubbles and in generally reducing the 
probability of successful hits. 
144 	EXPERIMENTAL 
As described above, a successful bubble-probe encounter is a relatively 
rare event. 	Each run took about 3 to 14 hours to get an average of 
200 output data sets -corresponding to 200 successful hits. 
For both the Flat Blade Turbine - I and Comb Blade Turbine - I, one 
one quadrant of the tank, in between the baffles, was explored at 	
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five points. For the probe positions 12.5, 25.0 and 37.5 cm from 
the shaft, the vertical distance between the probe tip and the base 
of the tank was 75 cm. 	For the two additional positions, at 50 and 
25 cm from the bottom, the position of the probe was 25 cm from the 
shaft. 	These positions are designated respectively 1, 2, 3, 4 and 
5, and are shown in Figs. 9.5 and 4.6. 	These measurements were 
carried out at two air flow rates, 4.16 x 	and 8.33 x 	m3/s, 
corresponding respectively to the superficial velocities 6.34 x 
and 1.27 x 10- 2 mis, and at three rotational speeds, 5.00, 6.67 and 
8.33 S 
	
(300, 400 and 500 r.p.m. respectively). 
The probe separationdistance, d, was kept the same for all the 
experiments and equal to 9.80 x 	m, as measured with a travelling 
microscope. 
4.5 	RESULTS AND DISCUSSION 
The PDP-8 print outs, for each position in the tank, were pairs of 
4 
numbers corresponding to the real times E T . and T. 	These were 
iz2 11 	1C 
interfaced by an off-line software package written in IMP language 
and processed by an IBM-4--75 digital computer. 
Besides calculating U  and db, a minimum and a maximum value for the 
Edinburgh University Computer Centre, 
IMProved Atlas Autocode 
bubble diameter, respectively equal to d and 162 , were defined in 
this program and this interval was sub-divided into classes correspond-
ing to increments in bubble diameter of 0.02 cm. 	Thus, for each probe 
position the bubble size and velocity distribution, as well as the 
Sauter mean bubble diameter, were obtained according to the equations 
presented in Section 4.3. 	The variation of these parameters in the 
body of the tank was also analysed. 
4.5.1 	Bubble size distribution 
The bubble size distribution for dispersions in mixing vessels has 
never been reported previously. A typical result for the distribu-
tion of bubble diameters is illustrated by Fig. 4.3 with the number 
fraction of bubbles shown in histogram form against the bubble 
diameter. Similar bubble size distributions were found for all the 
points in the tank. 	Note that the distribution has been obtained 
through application of equation (4.16) and thus represents the point 
bubble number fraction for a particular size. 
It must also be pointed out that bubbles less than 0.098 cm in 
diameter have been deleted due to the size of probe chosen, although 
the truncation of the small size bubbles seems not to affect the 
distribution because it shows a monotonic decrease of the number 
fraction for bubble diameters less than those corresponding to the 
peak. 	Furthermore, no bubbles were detected by the probe in the 
first class, or in other words, bubbles with diameters between 
0.098 cm, which is the probe separation distance, and 0.118 cm. 
This is most probably due to deflection of such small bubbles by 
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0.25 F.B.T.-I 
Q = 8.33 x 	m3/s 
N = 5.00 S -1 
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Fig. 	4.3 - 	Typical bubble size distribution reported by the probe, where bubble number 
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Fig. 4.4 - Characteristic cumulative number fraction distribution for the dispersion 
the probe and therefore a successful hit is an extremely rare event. 
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The number of large bubbles is also small and, as Fig. LLLt shows, 
99% of the bubbles have diameters less than 5 mm. 
4.5.2 	Sauter mean bubble diameter 
Figs. 4.5 and 4.6 show the variation of the point Sauter mean diameter, 
calculated by equation (4.17), throughout the tank, for Flat Blade 
Turbine - I and Comb Blade Turbine - I respectively. 	No systematic 
trend of ds with position in the tank was detected and an average 
value is presented in Table 4.1 for various rotational speeds and 
gas flow rates. 
The average point Sauter mean bubble diameter seems to be virtually 
independent of the rotational speed and gas flow rate, increasing 
slightly with these parameters, although these differences are well 
within the scatter of the point averages. 	Thus we can consider the 
Sauter mean bubble diameter, reported by the probe, as 3 mm every- 
where in the tank for all conditions and for both turbines. 	This is 
in agreement with the conclusions of Westerterp (io) and Preen (77/9) 
who found little influence of the stirring speed on ds. 	However, 
the mean value found (3 mm) is less than predicted by equation (4.6) 
proposed by Calderbank (14), although the latter were evaluated 
indirectly from mean interfacial areas and hold-ups. 	Furthermore, 
one must bear in mind that these values might be affected by a 
velocity timing error, as explained inSection 4.3.4 although the 
fact that the point measurements did not show any trend with position 
in the tank, for either turbine, seems to indicate that if there are 
Q= 3 m Is 
ioi 
N = 5.00 S_ i. 
-1 
2.99 2.63 2.83 
I 	2.92 
3.00 
N = 5.00 s__ i  
2.80 2.70 3.15 
2.72 
2.91 
N = 6.67 S- 1 
Q 	8.33 x 
II 
	
3.01 	2.68 2.78 
• 	2.82 
L 	3.17 
N = 6.67 
:i.Jj S 




N = 8.33 S_ i 
Fig. 4.5 	Point Sauter Mean bubble diameter (mm) as a function 
of the probe position for the F.B.T.-I 
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Fig. 4.6 	Point Sauter Mean bubble diameter (mm) as a function 
of the probe position for the C.B.T.-I 
Table 4. 1 
Variation of the Average Point Sauter Mean Bubble Diameter, in mm, 
given by the Four Element Resistivity Probe) with Rotational 





 x 10 	 (m) 
Qz.l6x1O 3 Q8.33xlO 3 
rn/s rn/s 
5.00 2.85 2.87 
6.67 2.86 2.89 
8.83 3.00 3.02 





Q - 4.16 x Q = 8.33 x 
rn/s rn/s 
5.00 2.85 3.09 
6.67 2.94 3.11 
8.83 3.06 3.12 
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any errors they are not much affected by bubble velocities which vary 
considerably. 
A more detailed discussion of these matters will be presented in the 
next chapter, where d5 will also be evaluated from gas hold-up and 
interfacial area measurements in this work. 
4.5.3 	Bubble rise velocit 
Fig. 4.7 shows a typical variation of the individual bubble rise 
velocity with bubble diameter. 	It can be seen that the velocity of 
the individual bubbles is not uniquely related to its size, which is 
not surprising as bubbles are in a turbulent dispersion. 
It is important to note that these velocities are not free-rising 
velocities since the bubbles will be subjected to the influence of 
the flow pattern in the tank. 	This explains why some bubbles have 
very high velocities in regions of liquid up-flow, while others have 
velocities less than the mean free rising velocity corresponding to 
down-flow. Even for freely rising single bubbles, as mentioned in 
Section 4.2, this region of bubble diameter is not well characterized. 
Moreover, as Fig. 4.1 shows, this region is very much affected by 
the presence of trace contaminants in the water and bubbles in this 
size range are often bound to have velocities less than the establish-
ed mean terminal velocity, 26 cm/s (14). 
No systematic variation was detected when plotting the mean bubble 
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Fig. 4.8 - Typical variation of mean bubble velocity with bubble diameter and position in the tank 
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the probe positions 3 and 5 the data exhibit a fair amount of scatter 
as compared to the probe positions 1, 2 and 4, as shown in Fig. 4.8. 
This is probably because circulation is intense in positions 3 and 
5, whereas it is less so in positions 1, 2 and 4. 
As Fig. 4.8 also illustrates, the point average velocity of all the 
bubbles shows a systematic trend with the location of the probe in 
the tank, the trend remaining the same for all rotational speeds and 
gas flow rates, for both turbines. 	Thus, the mean bubble velocity 
registered by the probe in positions 3 and 5 is always higher than 
that given by the probe in positions 1, 2 and 4. 	Fig. 4.9 and 
4.10 show schematically the variation of the average bubble velocity 
for all sizes of bubbles at a given point, calculated from the mean 
velocities of each size class, for different positions in the tank, 
for F.B.T.-I and C.B.T.-I respectively. 	It is obvious from these 
figures that the average bubble velocity increases with the radial 
distance at the top of the tank. 	Also, at a radial distance of 
25 cm from the shaft, the bubble velocity is higher at a level of 
25 cm from the tank bottom than at 50 cm, increasing again at 75 cm. 
This systematic variation in the average bubble rising velocity leads 
to the conclusion that a well defined circulation pattern exists 
inside the tank, probably presenting similar loops to those suggested 
by Nienow et al (sc), shown in Fig. 3.3 d). 	The velocity decreases 
towards the shaft, where down-flow streams are expected. 	Moreover, 
the low velocity values always found at position 4 (at 25 cm from 
the shaft and 50 cm from the tank bottom) indicate that this point is 
near the centre of the loop. 	However, these five measurement points 
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The average bubble velocity (in cm/s) for all sizes of 
bubbles, calculated from the mean velocity of each size 
class, at different positions in the tank, for the 
F.B.T.-I. 
(Mean bubble velocity is almost independent of size) 
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Fig. 4.10 	The average bubble velocity (in cm/s) for all sizes of 
bubbles, calculated from the mean velocity of each size 
class, at different positions in the tank, for the 
C.B.T.-I. 
(Mean bubble velocity is almost independent of size) 
Table 4.2 
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Arithmetic mean of point average bubble velocities, 
Figs. 4.9 and 4.10, for F.B.T.-I and C.B.T.-I 
F. B . T . -I 
(S1) 
x 10 2  (mis) 
Q 	4.16 x lO Q 	8.33 x 10 
rn/s rn/S 
5.00 41.2 42.8 
6.67 51.2 497 
8.83 64.5 55.7 
C.B.T. -I 
(s1) 
X 10 2  (m/s) 
Q z 4.16 x 10 Q = 8.33 x 10 
rn/s rn/s 
5.00 39.9 39.9 
6.07 49.7 43.8 
8.83 53.9 48.1 
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even if the measured values are affected by a timing error, as this 
increases with the velocity the variation will still be the same. 
More conclusions will be drawn from the point gas hold-up, frequency 
and interfacial area measurements where the tank was explored at 
many more positions. 	Nevertheless, the average bubble rise 
velocities for different rotational speeds and flow rates are 
summarized in Table 4.2, for both turbines. 	It can be seen that 
the rise velocity increases with the rotational speed and is not 
much affected by the flow rate. 	It should be noted that these 
average values deviate quite significantly from the point values. 
4.6 	CONCLUSIONS 
The application of the multi-element resistance probe array and high 
speed logical analyses of the pulse signal sequence, resulting from 
a bubble encounter, has provided an unambiguous method for the 
measurement of bubble velocity and size. 	The variation of the 
bubble parameters throughout the body of the tank was obtained by 
placing the probe in five different positions. 
For both turbines, a similar bubble size distribution, showing a 
large deviation from the mean, was found for all points in the tank, 
at all experimental conditions. 	The truncation of the size distribu- 
tion, due to the size of the probe, was shown to be unimportant. 
Also, the local Sauter mean bubble diameter was found to be almost 
constant, and independent of the probe position, rotational speed 
and gas flow rate. 	In contrast, the mean bubble velocity, nearly 
independent of the size class for each point, varied systematically 
throughout the tank, indicating a well defined circulation pattern. 
CHAPTER 
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GAS HOLD-UP AND INTERFACIAL AREA 
5.1 	INTRODUCTION 	
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Gas hold-up measurements are needed to evaluate k 
L  a from the most 
general model, as discussed in Chapter 6. These measurements were 
carried out for all the agitators in tap water, for the F.B.T.-I 
and C.B.T.-I in hexanol solutions and for the C.B.T.-II using "comb" 
baffles in tap water. 
Point gas hold-up, bubble frequency and interfacial area were 
measured, for F.B.T.-I and C.B.T.-I, at several points in the body 
of the tank, in order to study the variation of the local values. 
From the overall gas hold-up measurements and the point interfacial 
area measurements integrated over the tank volume, a mean bubble 
size can be determined and was compared with the previous measure-
ments carried out with the four channel electroresis -tivi -ty probe, 
discussed in Chapter 4. 
5.2 	LITERATURE SURVEY 
There are relatively few publications dealing with interfacial area in 
aerated pure liquids, since chemical methods were preferred by many 
workers to the physical methods. The disadvantages and drawbacks to 
the use of chemical methods have been outlined in Section 2.6 and 
are mainly due to conflicting data for the reaction kinetics. 	The 
liquids used in the chemical methods are mixtures and it is common 
experience that the presence of a solute in an aqueous solution 
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affects the gas - liquid dispersion by reducing the bubble size. 
Studies of the effect of electrolytes on bubble size in bubble 
columns and on interfacial areas in a mixing tank, carried out re-
spectively by Marrucci and Nicodemo (58) and Lee and Meyrick (52), 
showed that these variables can be greatly changed by changing the 
nature and the concentration of the electrolyte. Even at high con-
centrations the liquid properties do not change significantly and the 
large change in bubble size was believed to be due to electrical 
repulsive forces. 
Interfacial areas and gas hold-up, as well as the mass transfer 
product, kLa, have been correlated by various authors in the form of 
empirical correlations in terms of the superficial gas velocity, V, 
the impeller speed, N, and the power consumed per unit volume of 
liquid, P/V, each raised to an exponent. 	Table 5.1 summarizes the 
values of these exponents, as well as providing some experimental 
details of the different systems studied. 	As can be seen, the same 
kind of correlation, and sometimes the same exponents (40) (92 ), is 
found for both coalescing and non-coalescing systems. 
A brief outline of the conclusions reached by various investigators, 
relevant to this topic, will be discussed in the following sections 
and a general consideration of the published results will be presented 
at the end. 
5.2.1/ 
Table 5.1 	 Swary of literature 	 c..... . 	 .. 
Experimental Conditions Variable
Correlated Correlation Reference 
V 
S 
V T D/T System Type Number Exponent of 




Blades Liquid gas V a N 
I 	p/y 
0.5 	- 2.5 22 	- 8600 0.37 - 2.46 0.21 - 0.32 water air disk 6,10 H Faust St at turbine 0.53 --- 0.67 
Ethyl glycol 
12.3 - 104 0.25 - 0.51 0.6 H 2  0 
H 
0 
paddle 4 i.s Vereculen C Cl 4 air ad 
(tog) 
Ethyl Acetate 




64 0.38 0.3 	-0.6 --- - paddle S ad 0 . 6 --- 0.35 Preen 
HUH disk 12 d 0.75 1.1 
0.16 - 0.75 12.2 - 15.3 0.25 - 0.56 0.4 
a 
H 20 CO 
turbine H 0.75 0.8 - 
. 
Yoshida at a 
gycerol varied ad -- 0.9 - 0.7 
disk 16 H --- 0.8 - 0.6 
--- (ii 4) 
0.1 	- 3.5 2.2 - 570 0.14 - 0.90 0.2 	- 0.7 sodium 
muiphite air 
disk 
turbine  a4 0 1.0 Westerterp 
paddle et al 
propellor 2,6 
0.3 	- 3.0 95 	- 600 0.23 - 0.91 0.22 - 0.5 water air disk 6 H 
Rushton and 
turbine 0.6 --- 0.17 - 0.39 Bimbinot 
water and turbine 6 1.16 
non-electrolyte air 
solutions 
0.35 - 6.8 2.65 - 19 0.15 - 0.29 0.33 - 0.67 paddle H Hassan 1.3 ___ 
electrolyte air 1.0 -- solutions disk 5 o.ss turbine -__ (40) 
0.03 - 3.2 54 	- 785 0.41 - 10 0.35 - 0.75 sodium air dithiorite Gas Inducing a 0.25 - 0.5 -- 0.4 .)oshi and 
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(45) 
0.4 	- 20 90 	- 4400 0.44 - 183 0.33 - 0.5 H20 air disk B Smith at al k 2SO4 turbine H 0.4 --- 0.47 
(92) p-. vi 
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5.2.1 	Gas hold-up in aerated mixing vessels 
Gas hold-up can be regarded as an index of the impeller mixing 
performance because the amount of gas retained is a function of 
bubble size, which in turn is the result of turbulence and shear 
stresses in the fluids. 	It is usually measured as the difference 
in height, above the tank bottom, between the gas - liquid dis-
persion and the ungassed liquid; sometimes more sophisticated 
techniques are used to avoid errors due to the fluctuations in 
level. 
Calderbank (14) measured the gas hold-up in mixing tanks, using 
several liquids and several conditions of agitation and gas flow 
rates, (Table 5.1), and proposed the following equation 
V 0.5 	
[p'v° 	
0.21 v 0.5 
H 	(vs 	 - 	 J ( S) —xH) 	+2.iSxlO - 
0.6 	V t a 
(5.1) 
where 
terminal velocity of bubbles in free rise 
(= 0.265 m/s) 
V 	superficial gas velocity in the mixing 
vessel 
This equation shows that when P/V - 0, H = V/V . , and the tank will 
function like a bubble column where bubbles are evenly distributed 
ii?. 
over the cross section and rising freely. 	On the other hand, when 
P/V is large 
H a (P/v) 0 	(v)05 
	
(5.2) 
Similar exponents were obtained by Foust, Mack and Rushton (31), as 
table 5.1 shows. 
In 1968 Rushton and Birnbinet (87) studied the effect of agitation 
rate and impeller - tank diameter ratio on gas hold-up, H'( H/(l-H)), 




H' 	x1 (PT/V) 2 Cv) 
total power 
(5.3) 
Power imposed on the system by 
the entering air stream 
However, different values of x 1 and X 2 were obtained at different 
D/T values and for different tank sizes. 	Both x1 and x2 passed 
through a maximum when D/T was changed at a given value of T. Also, 
the value of x 2 decreased for the same D/T as the tank size increased. 
The exponent x3 was found to be constant and equal to 0.6. 	Aqueous 
solutions of corn syrup were used to provide liquids of high viscosity 
while keeping the same density and surface tension, but the effect 
of viscosity on gas hold-up was too complex to allow generalization 
and the results were presented in the form of graphs. 
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In a recent publication Hassan and Robinson (40) proposed another 
kind of correlation 
H 	c1 (Q N 2/o) 2 	 () 
where both c1 and c 2 were dependent on impeller type and on the 
electrolytic nature of the aqueous phase but were not dependent on 
the tank size, although only two small tanks were used (table s.t) 
Thus a significant increase in gas hold-up was found as a result 
of the addition of sodium sulphate to water, but was not found, at 
least to the same extent, for aqueous solutions of non-electrolytes. 
Point gas hold-up values were measured by Wisdom (112) for a non-
coalescing system, by means of a bubble sampling probe, which 
extracted a sample of the dispersion and simultaneously counted the 
number of bubbles in it. 	Then, by separating the gas from the 
liquid, in a separate chamber, it was possible to determine the point 
gas hold-up and evaluate the mean bubble volume for the sample. A 
correction had to be applied to the average values, in order to secure 
agreement with the visually observed hold-up measured as the increase 
in level of the tank contents. 	Nonetheless, the changes in point 
hold-up values found at different speeds confirmed the expected flow 
pattern within the tank. 
5.2.2 	Interfacial area in aerated mixing vessels 
The experimental work on interfacial area may be divided into two 
sections according to the experimental method used. 	Some workers 
used physical techniques whilst others have employed a model chemical 
reaction. 	These methods were described earlier in Section 2.6. 
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In 1955 Vermeulen et al (103) used a photoelectric probe to study the 
effect of experimental variables on gas - liquid and liquid disper-
sions in closed tanks. Interfacial area was measured by light 
attenuation due to scattering at the interface. 	They arrived at 
the following expression for gas-pure liquid dispersions: 
1400 N'5 	0.5 	0.75 Dp 	 H 
ad  (5.5) 0.25 
where P 0 is the viscosity of the dispersed phase and f H is an 
empirical factor found to depend on the gas hold-up. Two tanks 
were used, 0.25 and 0.50 m diameter, with a four blade paddle as 
agitator; the systems used were air/helium in water/carbon 
tetrachloride. 
Calderbank (14) later concluded that these measurements being made 
very close to the tip of the impeller were not representative of 
the mean values in the whole tank. Calderbank also adopted the 
light obscuration method to measure interfacial area at many points 
in the body of mixing vessels; the dimensions of the tanks and 
agitators, as well as the systems used are given in Table 5.1. 
The local values of interfacial areas in mixing tanks showed an 
extreme variation with the position in the tank, although this 
variation largely disappeared when the liquid viscosity was increased 
or when some solutes were added to the water to reduce coalescence, 
	
resulting in much higher interfacial areas. 	The following 
120 
correlation of the integral mean areas was obtained for the aeration 
of pure liquids 
(P/v)° 	p 0.21 	0.5 I 	 IV 
ad 	l. LL (-.) 	 (5.6) I 0.6 	I v 
0 	j 
However, Calderbank showed that the above equation seriously under 
estimated the interfacial area in mixing vessels, operating at high 
impeller Reynolds Number, which was attributed to surface aeration. 
Light transmission was also used by Lee and Meyrick (52) to study 
the effect of electrolyte concentration on interfacial area measure- 
ments. 	The light transmission probe was very similar to Calderbank's 
and the variation of interfacial areas within the tank was found to be 
analogous, although less than the values previously reported for pure 
systems (14). 	A large increase in interfacial area and gas hold-up 
with increasing electrolyte concentration was found for each r.p.m.; 
the effect being more pronounced at higher stirring speeds. 	However, 
the effects of the stirring speed, gas flow rate and electrolyte 
concentration on ad were studied only in one position (mid-radial and 
mid-height), in a tank of 0.30 m diameter. 	The correlation with 
power was found to be unsatisfactory and previous studies of the 
effect of surface tension gradients on coalescence (51) suggested the 
group 
C 	(d old c f ) 2 
0 
where 
C 	 concentration of solute in the solution 
surface tension 
c 	concentration of solute in the film 
activity coefficient function 
(= 1/(1 + d in f I d in c f ) 
f 	activity coefficient 
as a correlating parameter. The use of this parameter to correlate 
the behaviour of different electrolytes was found promising, for both 
gas hold-up and interfacial area, and in good agreement with the 
findings of Marrucci and Nicodemo (5), although neither the nature of 
the electrolyte nor the concentration was extensively varied. 	The 
Sauter mean bubble diameter was evaluated from the interfacial area 
and gas hold-up measurements, according to.equation (.l), and a 
similar correlation to Calderbank's (equation (4.6)) was proposed for 
the bubble diameter. 
The photographic technique was used in mixing tanks by Preen (77/106) 
and Kawecki et al (46). 	The former took photographs in the upper 
part of the dispersion above the agitator and by measuring and counting 
the number of bubbles, calculated the interfacial area. 	He also 
concluded that all the disintegration takes place near the impeller 
although coalescence occurs in other parts, away from the agitator, 
and determines a final value of the interfacial area. 	In Kawecki's 
work, the bubbles were extracted from the dispersion, at the level of 
the impeller, by means of a tube connected to a small square section 
column, where they were photographed. 	An influence of both the 
stirring speed and gas flow rate was found, although the results were 
presented as ad  N plots showing parallel lines for different gas 
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velocities. 	It may be argued that this technique does not give 
representative values of the dispersion, as the bubbles were 
extracted from a single position in the tank. 
Westerterp et al (106) determined interfacial areas in stirred tanks 
using the oxidation of sodium sulphite as a model reaction catalysed 
by cuprous ions. 	However, the kinetic data and the assumptions used 
by the authors were disputed by Reith (78) and Linek (53). 	Also, 
De Waal and Okeson (27) measured the kinetics of this model reaction 
more accurately and discovered that the cuprous ions catalysed the 
reaction to a very small degree. 	From studies over a wide range of 
gas rates they come to the conclusion that for agitation rates above 
0.25 
a certain minimum (N 0  D = (2.) 	(A1 + A 2 (T/D)), there was no 
noticeable effect of gas rate or type of gas sparger on interfacial 
areas. 	Further, for such agitation rates there was a linear 
relationship between ad and N, which for the disk turbine was 
1 
ad HL 
CN - N ) D (21) 	 (5.7) 
0 1-H 	
0 
where Cis a constant dependent on the liquid viscosity and HL  is the 
height of the liquid in the tank. 	For the other impellers tried 
(Table 5.1) the correlations were of the same kind, only the influence 
of D and T was different. 	The effect of viscosity on interfacial 
area was studied with the system CO  - Na OH with various amounts of 
glycerol and ad  was found to be approximately proportional to the 
viscosity for the region where agitation also has an influence. For 
this region, (N > N), both phases were considered perfectly mixed 
(39). 	For stirring speeds below N the interfacial area was reported 
to be unaffected by stirring and was only dependent on the gas flow 
rate and type of gas sparger. 
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Besides being based on area measurements which are suspect, the 
criteria for the minimum agitation rate is itself questionable as 
it was obtained from ad - N plots giving the minimum agitation rate 
at the hypothetical speed where the interfacial area is zero. 
Hence, the proposed equation does not account for changes in gas rate 
and the region of efficient operability contrasts with that of Nienow 
et al (67) who set an upper and lower limit for efficient mixing. 
According to the latter, a simple increase in gas rate could change 
the flow conditions from undeveloped mixing to recirculation through 
the impeller. As the gas rate was widely varied, lO < V < 35 x 
m/s, it may be concluded that Westerterp's work is complicated 
by the different flow regimes under which his experiments were 
carried out. 
Metha and Sharma (so) published a complete study of the effect of 
several variables on a and kLa. Various systems were used to obtain 
interfacial areas such as: 	the absorption of CO  diluted in air by 
aqueous solutions of Na OH, K OH, Ba (OH) 2 and alkanolamines and 
absorption of 02  in air by aqueous alkaline solutions of sodium 
diothionite. 	The "Danckwerts' Plot" (9) was used and the method of 
analysis is described elsewhere (59). 	In agreement with Westerterp 
et al (o6) they found that the gas phase was almost perfectly mixed 
when the stirrer speed exceeded the minimum agitation rate proposed 
by Westerterp (loG), (equation (3.12)), and for this region the area 
was unaffected by the gas rate and linearly dependent on the rotation-
al speed. However the figures reported show that this effect was 
studied at five different r.p.m., two being used in one vessel and 
the remaining three each in different vessels without mention of the 124 
flow conditions. 	It should be noted that the values of the super- 
ficial gas velocity were generally higher (up to 0.12 m/s) than those 
employed in the physical methods, probably to compensate for appreci-
able oxygen depletion caused by the high absorption rates. Also of 
interest was the effect of the ionic strength and nature of ions of 
the electrolyte on the interfacial area. 	Further, when aqueous non- 
electrolyte solutions were used a much lower value of interfacial 
area was found than for electrolyte solutions with the same value of 
viscosity. Also, a decrease in surface tension caused an increase 
in interfacial area if the viscosity was maintained constant; an 
increase in the latter also increases the values of ad. 	Hence, they 
concluded that neither a nor k 
L 
 a could be predicted a priori since 
they depend in a complex way on the system properties. Their data 
were given mainly in the form of graphs and no correlations based on 
P/V were proposed. 	However, in a recent study of a gas induced type 
of agitator operating in air-sodium dithiorite system, Joshi and 
Sharma (4) found some effect of the stirring speed and gas rate on 
interfacial area and gas hold-up, which they correlated by 
a a (P/V) 055 (V)05 for V < 0.005 rn/s 	 (5.8) 
and 
a a (P/V)055 (v)025 for V> 0.005 m/s 	 (5.9) 
and 
U a (P/V) ° 	 for all values of V 	 (5.10) 
This effect may be due to the different kind of impeller used and also 
to the range of V used, which in this case was only up to 3.2 x 10- 2 
m/s. 
12 5 
Reith and Beek (78) used a chemical method to measure a and k 
L 
 a in 
stirred tanks up to 1.2 m diameter. 	The reaction chosen was the 
oxidation of sodium sulphite catalysed by cobaltous sulphate. 	This 
reaction was found to be zero order in sulphite, first order in 
cobalt and second order in oxygen for the operating conditions. 
This was confirmed in further studies (79). 	The interfacial area 
was found to increase with increasing gas rate at low stirring speeds 
and an opposite effect was found at high speeds. 	This effect was 
explained by the authors as a decrease in stirrer effectiveness at 
high gas rates. 	It should be noted that the values of V used were 
quite high (.7 - 15.8 x 10- 2 m/s) and the values of the gas hold-up 
reported reached almost 60%. 	The interfacial area was well 
correlated with the parameter P/V for all tank sizes, although the 
effect of V was not extensively investigated in all vessels. 
5.2.3 	General consideration of the published results 
Table 5.1 shows that the exponent of V varies from 0 to 0.75, that 
of the power from 0.17 to 0.7 and that of the rotational speed from 
0.6 to 1.5. 	It must be borne in mind that power and stirring speed 
are approximately related by P a N 3 (Section 3.5.3). 	The reasons 
for the discrepancy in the values of the exponents are not yet clear, 
but they seem to be due to different measurement techniques and the 
varied operating conditions. 	The results were found todepend on: 
- the hydrodynamic state of dispersion 
- Parameters like tank diameter and height, impeller-
tank ratio, type and diameter of impeller 
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- Physical properties of the system, like 
viscosity, surface tension and density, as 
well as purity 
- Concentration, ionic strength and nature of 
ions in the case of electrolyte, and physical 
interactions in the case of non-electrolyte 
solutions 
hence restricting the correlations to the particular systems used. 
5.3 	EXPERIMENTAL 
5.3.1 	Overall gas hold-up 
The overall gas hold-up was measured with a set of four manometers at 
different levels in the tank, as described in section 2.5 
Identical measurements were carried out for all the turbines, in 
tap water, at several rotational speeds and at three gas flow rates, 
4.16, 5.83 and 8.33 x 	m3/s (250, 350 and 500 litres/mm 
respectively) and in n-hexanol solutions for the F.B.T.-I and 
C.B.T.-I only at 4.16 x 	m3/s. 	The effect of "comb baffles" 
was also investigated for C.B.T.-II, at the three flow rates as 
given above. 
5.3.2 	Point gas hold-up and bubble frequency 
The point gas hold-up and frequency were measured with an electro-
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and velocity but with only one channel. 	The relationship between 
the probe and the P D P18e digital computer was identical to that 
illustrated in Fig. 2.9 (section 2..1), for one channel. 	The program 
logic is much simpler in this case than that used in the earlier 
chapter, as the probe does not discriminate against off-centre 
bubbles. 
Following a method much used in two phase flow studies (33), the 
time average hold-up, H, was calculated as the time in gas -L time 
on line. 	The bubble frequency, nfD was given, obviously, by the 
number of bubbles caught by the probe divided by the sampling time. 
A schematic flow sheet of the assembler program logic is shown in 
Fig. 5.1. 
The time the probe is inside the bubble i, TG. (Fig. 5.2), cannot be 
1 
deduced directly because of noise and the impossibility of determining 
the start of the falling voltage curve as the probe penetrates the 
bubble. 	Thus, five average times were measured at different voltage 
levels and the time corresponding to 1 volt (the base line) found by 
extrapolation, as Fig.5.2 illustrates. 	The sampling time was about 
2 minutes to average out any possible fluctuations, although the 
results were fairly independent of the sampling time. 
With this technique, nine points in the tank were explored at 25, 50 
and 75 cm from the tank bottom and at 12.5, 25 and 37.5 cm from the 
shaft. Each reported point value is the mean of three measurements 
carried out at different times, the maximum absolute deviation being 
about 10%. Only two turbines were used in these studies, the F.B.T.-I 










Eig 5.2 - Extrapolation to calculate the time the probe 
element in within the bubble i (single probe) 
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and 500 r.p.m.) and at the two extreme gas flow rates, 4.16 and 8.33 
X 	m3 /s (250 and 500 litres/mm). 
5.3.3 	Point interfacial areas 
Interfacial areas were measured by the light obscuration method using 
a moveable light probe, as described in section 2.6.2 (Fig. 2.12). 
The tank was explored in nine positions at three rotational speeds, 
5, 6.67 and 8.33 S_ 1, as in the point hold-up measurements, and at 
three different gas flow rates, 4.16, 5.83 and 8.33 x 10- 3 m3/s. 
The same F.B.T.-I and C.B.T.-I were used in these studies. 	Replicate 
measurements were performed for each point and the maximum deviation 
from the average values seldom exceeded 12%. 
5.4 	RESULTS 
5.4.1 	Gas hold-up (manometers) 
The results of the overall gag hold-up measurements in tap water, for 
all the turbines, are presented in tables B.l to B.10 of Appendix B 
as a function of P/V and V. 	As the plots of H versus P/V showed 
3 parallel lines, one for each gas flow rate, Fig. 5.3, it was 
decided to correlatethe data in the form: 
x 	x 
H 	x1 (Ply) 2 (v) 3 (5.11) 
where 	[iv] = watt/m3 
[v] 	rn/s 
As outlined in section 5.2, this is a very common way of correlating 
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V(x10 3 ) rn/s 	 F.B.T.1 
0 - 6.34 
'C. - 	8.87 
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Fig. 5.3 	- 	Typical variation of gas hold-up with P/V and V 
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Fig. 5.4 	- 	Gas hold-up as a function of P/V for the F.B.T.-I 
and C.B.T.-I in n-hexanol solutions 
Table 5.2 
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Values of x1 , x 2 and x for each impeller according to 
x 	x 
H 	
1 x (Ply) 
2 
 (V ) 
S 
Type of Impeller 	 x1 	 x2 
F.B.T.-I 	 0.23 	 026 	 0.68 
F.B.T.-II 	 0.51 	 0.25 	 0.89 
C.B.T.-I 0.55 0.23 0.82 
C.B.T.-II 0.30 0.26 0.73 
C.B.T.-III 0.22 0.26 0.75 
S.C.R.-I 	 0.03 	 0.39 	 0.53 
S.C.R.-II 	 0.12 	 0.30 	 0.6 
0.58 0.17 0.82 
D.I.-II 0.50 0.20 0.85 
D.I.-III 0.94 0.16 0.91 
the data. For each turbine the values of x 1 , x2 and x3 were obtained 
by minimizing the residual sum of squares between the observed and 
predicted values (equation 5.13) by Powell's method (75). 	The 
results are presented in table 5.2 with a maximum absolute deviation 
of 12% and a mean absolute deviation of 4%. Although the correla-
tions fit the data well, the variance of the estimated values, 
particularly of x1 , was found to be large (29) and this is probably 
due to the limited number of observations, resulting in a virtually 
flat minimum for the residual sum of squares. 
In order to get a more meaningful comparison of the performance of 
the several impellers, the exponents x 2 and x 3 were fixed at their 
average values of 0.25 and 0.75 respectively and x 1 was recalculated 
for each impeller, table 5.3. 	This procedure is not entirely 
rigorous but gave a satisfactory fit of the data, resulting in a 
much smaller variance for x1 (primarily because now only one parameter, 
was estimated from the same data) as table 5.3 shows. 	The 
maximum absolute deviation was about 14% for all the impellers except 
for the S.C.R.-I which gave a maximum deviation of 25% (it can be 
seen from table 5.2 that the exponents x 2 and x 3 for this turbine 
differ significantly from the average values). 	In this way, the 
performance of the various impellers may be compared on the basis of 
the values of x1 . 
Since P/V is related in a complicated manner with V, as shown in 
chapter 3 , the same type of correlation, equation 5.11,was tried 
replacing P/V by N. The resultant average exponent (averaged for 
all the turbines) was found to be 0.75 which is three times the 




Values of x1 for each impeller according to 
H = x1 (P/V) 0 ' 25 (V)075 
Type of Impeller 	 xl 
F.B.T.-I 0.34 (i 0.007) 
F.B.T.-II 0.26 (t 0.012) 
C.B.T.-I 0.35 (± 0.014) 
C.B.T.-II 0.35 (± 0.006) 
C.B.T.-III 0.23 (± 0.010) 
S.C.R.-I 0.25 (t 0.018) 
S.C.R.-II 0.27 (t 0.007) 
0.23 (t 0.009) 
D.I.-II 0.21 (± 0.009) 
D.I.-III 0.24 (± 0.014) 
The quantities given in brackets refer to 95% 
confidence interval for the estimate 
is slightly less than the previous value (0.75), in agreement with 
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equation 3.2Z , chapter 3. 
The effect on hold-up values of the "comb baffles" was nearly the 
same as the standard baffles. The results are summarized in Table 
B.11of Appendix B, and agree with the earlier findings on power 
consumption (Section 3.5.5). 
The results for n-hexanol solutions using the F.B.T.-I and C.B.T.-I 
are given in Tables R12 and B13 of Appendix B and in graphical form 
in Fig. 5.4. 	As expected, higher values of gas hold-up were 
observed compared to those in tap water for the same conditions, as 
Fig. 5.3 and 5.4 show, for the F.B.T.-I. 	It can be seen from 
Fig. 5.4 that the gas hold-up values for the two turbines do not 
differ much at this gas velocity (V z 6.34 x 10 m/s) although 
the Comb Blade Turbine gives slightly higher values of gas hold-up 
than the Flat Blade Turbine at a given power per unit volume. 
5.4.2 	Gas hold-up and bubble frequency (Resistivity probe) 
The results of the point measurements, H and nfj are shown in Figs. 
5.5 and 5.6, for F.B.T.-I and C.B.T.-I respectively, as a function of 
position in the tank, stirring speed and gas flow rate. 	As can be 
seen, H varies with position in the tank, this variation being more 
significant at the lowest stirring speed. 	At this speed, the 
content of gas near the turbine is quite small compared to that at 
higher levels in the tank, and increases with increasing speed. 
Note that the lowest level investigated (25 cm from the tank bottom) 
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Fig. S. 
Point gas hold-up, bubble frequency, interfacial area and bubble diameter 
(calculated from point gas hold-up and interfacial area) at different 
positions in the tank, as a function of rotational 
speed and gas flow rate for the F.B.T.-I 
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Fig. 5.6 
Point gas hold-up, bubble frequency, interfacial area and bubble diameter 
(calculated from point gas hold-up and interfacial area) at different 
positions in the tank, as a function of rotational 
speed and gas flow rate for the C.B.T.-I 
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Table 5.4 
Mean gas hold-up and bubble frequency, measured by the electro- 
resistivity probe, as a function of gas flow rates and 
rotational speed for F.B.T.-I and C.B.T.-I 
F. B.T.-I 
(H) 	(x102 ) probe n f 









5.00 3.00 6.82 5.98 10.8 
6.67 4.20 7.33 10.8 15.5 
8.83 5.05 8.80 18.1 19.9 
C. B. T . -I 
N 
(H) 	(xlO2 ) probe f 









5.00 2.69 5.89 5.84 7.83 
6.67 3.69 7.28 11.6 12.3 
8.83 4.85 8.37 16.5 18.5 
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is slightly below the impeller supporting disc (30 cm above the tank 
bottom). 
The most persistent variation was found near the top of the tank (at 
75 cm above the tank bottom), where the gas hold-up was found to 
increase, at first, with the radial distance,decreasing again towards 
the tank wall. This was found for every speed and gas rate and also 
for both turbines. For other levels, the picture is more complicated 
although the point values suggest circulation loops, as indicated by 
the dashed lines of Figs. 5.5 and 5.6. 	Similar findings were 
reported by Nienow, Wisdom and Middleton (67) for a 0.29 m diameter 
tank, although in their case some secondary circulation loops were 
reported near the tank walls at the top of the tank, at speeds above 
recirculation (equation 3.15 ). 	These loops were not detected in 
the present work which led to the conclusion that the gross recir-
culation state was not achieved in the present range of operation. 
A similar trend was found for bubble frequency, nf5 and once more 
for both turbines. 
These point values were integrated over the tank volume, for each set 
of conditions, and the results are presented in Table 5.4. 	It can 
be seen that both gas hold-up and frequency increase with rotational 
speed and gas flow rate. 
5.4.3 	Interfacial area 
According to Calderbank's work (14) in a 100 litre tank, the point 
interfacial area was found to vary significantly with position in the 
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Table 5.5 
Mean interfacial area, measured by the light scattering 
technique, as a function of P/V and V for the 
F.B.T.-I and C.B.T.-I in tap water 
F. B. T. -I 
a P/V V d 
(x10 3 ) 
s 
(x103 ) 
66.1 0.99 6.34 
92.9 2.48 6.34 
122. 4.80 6.34 
90.8 0.90 8.87 
112. 2.14 8.87 
142. 4.11 8.87 
115. 0.73 12.7 
146. 1.89 12.7 
172. 3.65 12.7 
C.B.T.-I 





61.8 0.64 6.34 
80.4 1.69 6.34 
108. 3.37 6.34 
76.5 0.54 8.87 
10.4 1.44 8.87 
126. 2.94 8.87 
95.7 0.46 12.7 
135. 1.17 12.7 
151. 2.39 12.7 
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tank for each set of conditions (r.p.m. and V). 	These values are 
shown in Figs. 5.5 and 5.6, along with the point gas hold-up and 
frequency, at the extreme gas flow rates. Point interfacial area 
measurements were also carried out at an intermediate gas rate, 
5.83 x 	m3/s (350 litres/mm) and the variation was analogous 
to that presented in the above figures. 
The point values were integrated over the tank volume and the results 
are presented in Table 5.5, for both turbines, as a function of P/V 
and V. 	These results were treated by non-linear regression analysis 
to fit the equation 
x 	x 
ad 	x1 (Ply) 
2 
 (V) (5.12) 
The estimated values are given in Table 5.6; the maximum absolute 
deviation, for both turbines, being less than 10%. 
Table 5.6 
Values of x1 , x 2 and x 3 for F.B.T.-I and C.B.T.-I 
according to ad 	x1 (Ply) - (V 5 ) 
Type of Impeller 	 x1 	 x2 
F.B.T.-I 	 393 	 0.29 	 0.73 
C.8.T.-I 	 441 	 0.28 	 0.74 
As the values of x 2 and x 3 are very close to the mean values 0.25 and 
0.75 found for the gas hold-up, the values of x 1 were recalculated 
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according to the following equation 
0.25 	0.75 




F. B. T. -I 
593±20 
C.B.T. -I 
589 t 21 
 
The maximum absolute deviation was now found to be less than 12% and 
was practically the same as found before, thus confirming the validity 
of the approximation. 	These results also show that the interfacial 
area is approximately the same for both turbines. 
5.5 	DISCUSSION 
5.5.1 	Comparison of gas hold-up measurements by different techniques 
The integral gas hold-up values measured by the electroresistivity 
probe were always found to be lower than those measured with the mano-
meter set. 	Table 5.7 compares these values for both turbines, 
F.B.T.-I and C.B.T.-I. 	Similar findings were reported by Wisdom 
(112) and said to be due to the average values not being representative 
of the actual overall values, although the technique used could itself 
lead to a certain amount of bias. 	Nassos and Bankoff (G3), using a 
resistivity probe to measure the gas fraction in natural and forced 
circulation air-water loop, concluded that this bias was due to the 
deflection of the bubbles by the probe. 	The gas fraction profiles 
obtained in their work were about 35% low, compared to profiles 
143 
Table 5.7 
Comparison of gas hold-up measurements using different 
methods for F.B.T.-I and C.B.T.-I 
F.B.T.-I 
Q 
(x10 3 ) 
N (H) probe 
(x10 2 ) 
(H) 
manometers 
(x10 2 ) 
5.00 3.00 436 
14.16 6.67 4.20 5.61 
8.33 5.05 6.84 
5.00 6.22 6.70 
8.33 6.67 7.33 8.32 






(x10 2 ) 
(H) manometers 
(x102 ) 
5.00 2.69 3.76 
4.16 6.67 3.69 4.74 
8.33 4.85 6.07 
5.00 5.89 6.25 
8.33 6.67 7.28 7.76 
8.33 8.37 9.38 
determined by the gamma-ray attenuation technique. However, they 
found that this error could be reduced by sharpening the probe and 
was found to be less in forced circulation, which corresponds to 
higher liquid velocities, presumably because the greater approach 
velocity of the bubbles to the probe reduced their deflection. 
In the present work the deviation found in the gas hold-up values, 
measured with the electroresistivity probe, was less at the high gas 
rate, about 9%, than at the low gas rate which was about 25%. 	This, 
we believe, is probably due to deflection by the probe as reported by 
Nassos and Bankoff (63). 	Also the fact that the mean deviation 
decreases at increasing gas flow rate is probably because the number 
of bubbles produced at higher gas rates is higher and the deflection 
effect reduced, although no conclusive statement can be made and 
more work is needed on this difficult problem. Another error which 
can occur, due. to the finite size of the probe, is the distortion 
the probe may cause to the bubble, flattening it further by impact. 
However this effect should be the same for both gas rates since the 
bubble size was found to be approximately constant. 	Therefore, 
owing to the differences detected on changing the gas flow rate, it 
might be concluded that the deflection effect is chiefly responsible 
for the low gas hold-up values, measured with the single probe. 
Nevertheless, whatever bias may be introduced by this method, it is 
extremely useful particularly since this study was more concerned 
with relative variations of the point values inside the tank rather 
than with absolute values. 
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5.5.2 	Comparison of interfacial area measurements by 
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different techniques 
Table 5.8 summarizes the values of interfacial area, for both turbines, 
obtained by the light obscuration technique and also by measuring the 






where n  is the bubble frequency (Table 5.4) and U   is the average 
bubble velocity (Table 4.2). 	Also in Table 5.8 are the values pre- 
dicted by equation (5.8), proposed by Calderbank (14), for a flat 
blade turbine. 	Despite the values of the average bubble velocity, 
0b' being subjected to a large deviation (section +.5.3) and the values 
of n  being probably affected by deflection, there is a remarkable 
agreement between the values predicted by equation (5.6) and the 
measured values by the light scattering method, for both turbines. 
Also, the values predicted by Calderbankts equation are similar to 
the experimental values obtained for the F.B.T.-I and the discrepancies 
noted, especially at low rotational speeds, may be explained by the 
different exponents found for P/V and V, which were reported to be 
0.4 and 0.5 respectively, whereas in this work they were found to be 
0.25 and 0.75. 
The agreement between Calderbank's equation, equation (5.6), and the 
present interfacial area values for the F.B.T.-I in the region where 
Calderbank predicted large deviations (NR°7 . (ND/V) 03 > 20000) 
which he attributed to surface aeration, leads to the conclusion that 
surface aeration does not affect the interfacial areas in tanks of 
Table 5.8 
Comparison of interfacial area measurements using different methods 
F.B.T.-I C.B.T.-I 
(P/V) 0 	p°2 	
V 0.5 
N ad 4nf ad-l.44[_ 	o.6 n 
ad ___ 
( 	10) measured by light Ub measured by light •Ub 
scattering method (Ref 	(14)) scattering method 
4.16 5.00 66.1 58.0 67.8 61.8 58.5 
(V6..34xlO 3 ) 6.67 92.9 84.4 97.9 80.4 
93.4 
m/s 8.33 122. 112. 127. 108. 
120. 
5.83 5.00 90.8 76.6 76.5 
(V8.87x10 3 ) 6.67 112. 108. 104. 
rn/s 8.33 142. 140. 126. 
8.33 5.00 115. 103. 84.9 95.7 78.5 
(V1.27xl0 2 ) 6.67 146. 125. 124. 135. 112. 
rn/s 8.33 172. 1 144. 162. 151. 153. 
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this size (600 litres) as it does in small tanks (used by Calderbank 
(14)). 	Similar findings were reported by Fuchs and Ryu (32) for 
mass transfer. 
It should be noted that despite the differences in the interfacial 
areas found between the F.B.T.-I and C.B.T.-I for the same rotational 
speed, identical values are achieved for the same power per unit 
volume. 	Interfacial areas in n-hexanol solutions were found to be 
too high for measurement by the light obscuration method. 
5.5.3 	Bubble size 
From the gas hold-up and interfacial area measurements, it is now 
possible to evaluate the Sauter mean bubble diameter. 	Tables 5.9 
and 5.10 summarize these values obtained by different methods. 	As 
can be seen, the bubble diameter given by the probe measurements is 
always less than that evaluated from the overall gas hold-up, 
although the deviation is only about 15%, which is small considering 
the different techniques employed and the variation of the point 
values. 	Some possible reasons will be advanced later to explain 
this discrepancy. 
Figs. 5.5 and 5.6 show the variation of the Sauter mean bubble 
diameter, with position in the tank for different sets of conditions, 
calculated from the point gas hold-up and interfacial areas. 	As can 
be seen, some coalescence was observed in this case, but was not 
found in the independent measurements using a four element probe 
(Figs. 4.5 and 4.6). 
Table 5.9 









probe x 10 
Sm ad 




Sm a  
Tables 5.8 and 5.7 
d 
Equation (4.6) 
4.16 5.00 2.85 2.72 3.75 3.76 
(Vz6.34x10 3 ) 6.67 2.86 2.71 3.62 3.15 
rn/s 8.83 3.00 2.48 3.36 2.81 
8.33 5.00 2.87 3.05 3.49 4.91 
(V1.27xl0 2 ) 6.67 2.89 3.01 3.42 3.90 
m/s 8.83 3.02 3.07 3.47 3.47 
co 
Table 5.10 












Tables 5.8 and 5.7 
6(H) man. 	3 
d 	 x 10 
ad 
Tables 5.8 and 5.7 
4.16 5.00 2.85 2.61 3.60 
(V 	6.34xl0 3 ) 6.67 2.94 2.75 3.53 
5 
rn/s 8.83 3.06 2.70 3.37 
8.33 5.00 3.09 3.07 3.80 
(V 	1.27xl0 2 ) 6.67 3.11 3.20 3.5 
S 
rn/s 8.83 3.12 3.32 3.70 
to 
Tables 5.9 and 5.10 also show that the integral values for the bubble 
diameter, given by the single probe, are slightly lower than those 
from the compound probe at the lowest gas flow rate, probably due to 
deflection effects already discussed. 	However, in general, they are 
in good agreement and the mean bubble diameter, as obtained by the 
probe measurements, is about 3 mm for both turbines and at all 
conditions. The Sauter mean bubble diameter calculated from the 
overall gas hold-up and the integrated interfacial area was found to 
be about 3.5 mm, for both turbines and at all conditions, which 
confirms the already observed non-dependency of bubble size on 
rotational speed and gas flow rate, in the range of this work. This 
value (3.5 mm) is also in agreement with the mean values predicted 
by Calderbank (14), equation (4.6), also shown in Table 5.9. 	This 
equation shows some rotational speed effects which, as mentioned 
above, were not found in the present studies. 
The deflection factor proposed previously as affecting the point gas 
hold-up measurements, using the single probe, cannot be held respons-
ible in the case of the four element probe since it discriminates 
against off centre bubbles. 	Also, if this probe misses the smaller 
bubbles, the values reported should be higher than the actual values 
and. this was found not to be so. 	Thus, it seems likely that the 
factor responsible for the low diameter values registered with the 
four element probe is the distortion of the bubbles. 	Besides, it is 
logical to expect this effect to be more significant for the compound 
probe than for the single probe. 	Thus, distortion tends to flatten 
the bubble, resulting in a smaller pierced length and consequently in 
a lower value reported for the diameter. 	This effect has not been 
observed in sieve-trays or fluidised bed studies (9 ), possibly 
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'Si 
because the bubble sizes encountered in these systems are larger than 
those found in aerated mixing tanks. 
It is also known that free rising bubbles of this size are not 
spherical but oblate spheroids (55) and if it were true in agitated 
vessels, the probe output would not give the equivalent bubble 
diameter but its minor axis. 
Since, 
6 . Vb 





Ab 	bubble surface area 









a1 	major semi-axis 
b 	minor semi-axis 
1 
= 
defining eccentricity as 
E (5.17) 
and substituting a1 from equation (5.17) 	
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8 E 2 b1 
d 	 (5.18) 
Sin 




e1 	1 (E2 - 1)2 	 (5.19) 
Taking d5 as 3.5 mm and the bubble eccentricity for free rising 
bubbles in water as 1.18 (6), the value of b1 was found (from 5.18 and 
5.19) to be 1.57 mm and therefore the value reported by the probe, if 
the bubbles were oblate spheroids, should be 3.15 mm (= 2b 1 ) which is 
quite close to the actual reported value (= 3 mm) and suggests that 
bubble distortion by the compound probe may be ignored. 
5.6 	CONCLUSIONS 
The overall gas hold-up, measured by the manometers, was well correla-
ted by an expression of the type 
H 	x1 (P/v)025 (v)075 
for all the agitators, and hence their performance can be compared on 
the basis of the magnitude of x 1 . The highest value of x 1 was found 
for the C.B.T.-I and II (0.35) and was also comparable with that 
obtained for F.B.T.-I (0.34); the lowest values of x1 were found for 
the Disc Impellers (0.21 - 0.24). 	For all other impellers, the values 
of x1 were found to be in between these extremes. 
Local values of gas hold-up (single electroresistivity probe) showed 
a trend with position in the tank and the mean values (integrated 
over the tank volume) were found to be less than the overall values 
measured by the manometers. 	One possible reason is the deflection 
of bubbles by the probe which, as explained earlier, can lead to 
lower values of gas hold-up. 
The point interfacial area showed nearly the same trend as the gas 
hold-up. The mean values of ad  were in good agreement with the 
equation proposed by Calderbank, under conditions of no surface 
aeration. However Calderbank's work (in tanks up to 100 litres) 
revealed significant surface aeration, not found in this work using 
a 600 litre tank. An equation of the type 
0.25 	0.75 a 	x 	(Ply) 	(V ) d 1 s 
was found to describe satisfactorily the variation of interfacial 
area for both turbines. 
The mean bubble size evaluated from H and ad  was found to be slightly 
higher than the values obtained with the four channel electro-
resistivity probe; this small discrepancy can be largely attributed 
to deviations from bubble sphericity. For all practical purposes, 
the bubble diameter can be considered constant, at about 3.5 mm, in 
the range of variables used in the present work (P/V = 0.99 - 4.8 x 
10 3 w/m3 and V = 0.63 - 1.27 x 10- 2 MIS). 
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CHAPTER 




In this chapter the unsteady state measurements of the dissolved 
oxygen concentration in the liquid phase were analysed by various 
models and the implications discussed. 
6.2 	LITERATURE SURVEY 
Mass transfer measurements in gas - liquid dispersions have received 
considerable attention although no universally accepted form of 
correlation has yet been proposed. 	Most of the published data on 
k 
L  a have been correlated by an expression of the form 
x 	x 
k 
L a 	x1 (Ply) 2 (V) (6.1) 
which is similar to the correlations proposed for the interfacial 
area and gas hold-up measurements (Chapter 5); the proposed 
exponents vary considerably depending on the geometry of the system 
and the range of variables covered in the investigations. 	The 
exponent of P/V is generally found to be in the range of 0.35 to 0.95 
and that of V 
S  between 0 to 1. 	The reasons for this wide variation 
were outlined in the previous chapter (section E2.3) and seems to be 
fundamentally due to the complex hydrodynamics of the system being 
modelled and the uncertainties of the measuring techniques used to 
characterize the relevant parameters. 	These techniques, based on 
physical and chemical methods, were described earlier in section 2.7. 
The technical simplicity of the chemical method is counterbalanced 
by the complexity of the problems related to the maintenance of the 
conditions which allow its reliable application and it was concluded, 
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from the studies in the literature, that in only very few cases were 
experimental conditions such as to satisfy the necessary criteria 
(105). 	Also, recent examinations of the physical (dynamic) methods 
(29), showed that careful consideration must be given to the gas 
phase dynamics and that neglecting its transient nature can lead to 
very large errors in the calculation of kLa. 	There is a voluminous 
literature on gas - liquid mass transfer in stirred tanks and hence 
only the most relevant papers, dealing with physical methods, will 
be discussed in this section. 	However, for the sake of completeness, 
a brief review of the most important work using the chemical method 
will be outlined. 	Published data on the mass transfer coefficient, 
interfacial area and gas hold-up, up to 1966, have been reviewed by 
Sideman et al (90). 
6.2.1 	Mass transfer product (k a)in mixing vessels 
In 1944 Cooper et al (21) determined for the first time, the absorp-
tion rate coefficient, kLa, for the air - aqueous sodium sulphite 
system, using cupric ions to catalyse the reaction. 	A vaned disk 
impeller was used in agitated tanks whose diameter varied from 0.15 
to 0.44 meters. 	Later Yoshida et al (113), using a geometrically 
similar system (0.15, 0.25 and 0.37 m diameter tanks) and two kinds 
of agitators (the vaned disk and a 12 blade flat turbine), showed 
that for the oxidation of sodium sulphite, oxygen absorption is 
controlled by the liquid film mass transfer resistance and that the 
rate of absorption does not involve an enhancement of the liquid 
film mass transfer coefficient. 
Westerterp et al (106), Metha and Sharma (60) and Joshi and Sharma (45) 
carried out a more comprehensive study of the system variables, such 
as speed, type and diameter of the agitator, height of liquid, nature 
of ions, viscosity and surface tension of liquid, using the chemical 
method. 	Westerterp used the oxidation of sodium sulphite and 
Sharma et al (60) (45) used the following systems: 	carbon dioxide 
diluted with air-sodium carbonate-bicarbonate buffers and oxygen in 
air-acid and neutral solutions of cuprous chloride. 	Basically, the 
conclusions drawn in section 52.2 . for the interfacial area studies 
can also be applied for kLa. 	Hence, a dependence of k L 
 a on the gas 
flow rate at low impeller speeds was found, whereas at high speeds 
k 
L  a is only dependent on the stirring speed and is independent of the 
gas flow rate. 	A minimum speed of agitation, N, was proposed 
(equation (3.12)), beyond which only the impeller speed is important. 
For this region both the gas and liquid phases were considered to be 
well mixed and consequently the concentration of solute in the gas-
liquid interface used to calculate the driving force was based on the 
outlet partial pressure of the solute gas. 
Hanhart et al (39) studied the residence time distribution of a gas 
passing through an agitated gas-liquid contactor of 0.6 m diameter, 
using a classical flat blade turbine, at various gas flow rates and 
agitator speeds, sizes and heights, and concluded that the gas phase 
is almost perfectly backmixed when the speed of agitation is more 
than the minimum speed, N, (equation (3.12)). 	Similar conclusions 
have been made by Gal-Or and Resnick (34) for a 0.39 m diameter tank 
using water and aqueous sodium sulphite. 
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Calderbank (15) evaluated k 
L  a by physical gas absorption methods 
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after making allowance for the depletion of the solute in the gas 
phase. 	However, in his analysis he neglected the accumulation 
term in the gas phase material balance. The resulting mass balance 
equations for the gas and liquid phase will later be designated as 
model III (see section 6.4.2 for a detailed discussion). 	The 
physical method employed by Calderbank consisted of absorbing gases 
such as ethylene, oxygen, butadene and carbon dioxide in water, 
alcohols and glycol, as well as glycol and glycerol aqueous solutions 
followed by analysis of the samples, taken at regular intervals. 
Values of mass transfer rates were also studied by stripping with 
air a sparingly soluble component from aqueous solutions of the 
solute. 	The diameters of the tanks varied between 0.18 and 0.50 m 
and a Rushton Turbine was used. 	Experiments carried out by stripping 
with air, sulphur dioxide from water showed that at high impeller 
speeds, the experimental values of the desorption rate was far in 
excess of that predicted by the model equation (model III - section 
6.4.2). This discrepancy was attributed to the considerable amount 
of additional air entering continuously from the free liquid surface 
although it could also be the result of an inappropriate model for 
evaluating kLa, as shown subsequently. 
Later Fuchs and Ryu (32) studied the effect of surface aeration on 
scale-up in tanks of.various sizes (from lOto 51000 litres). 	The 
k 
L 
 a values were determined by monitoring the concentration of the 
dissolved oxygen with an oxygen probe, immersed in the dispersion, as 
a function of time for air-water systems. 	The probe response was 
corrected for the time lag but no allowance was made for oxygen 
depletion in the gas phase. 	By comparing the values of k L 
 a obtained 
under sparged conditions (designated as overall kLa)  and non-sparged 
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conditions (designated as surface aeration kLa),  at the same power 
per unit volume, they concluded that the effect of surface aeration 
on the overall k 
L  a increases as the size of tank decreases. 	For 
example, they found that for a 200 litre tank the ratio between 
surface aeration and the overall k 
L 
 a was as much as 66%. 	Whereas, 
for larger tanks it was less than 5%. 	However it may be that the 
effect of surface aeration under gassed conditions can not be 
evaluated by simply comparing the k 
L  a values under aerated and non-
aerated conditions, since the surface of the liquid is in a very 
different state. 
Smith et al (92) using the same dynamic method outlined above, covered 
a large range of tank sizes (0.40 - 1.83 m diameter) and kinds (flat, 
perforated and concave blade turbines) of turbines in both coalescing 
and non-coalescing systems. 	For each system k 
L  a was correlated with 
the power per unit volume and with the superficial gas velocity. 
The correlation proposed is: 
kLa 	C 	(P/V)075 (V)0 	 (6.2) 
with 
C1 	= 0.01 for coalescent systems 
and 
to 
C 1 	0.02 for non-coalescent systems 
In their previous work (91), carried out only in small tanks (0.10 - 
0.67 m diameter), the exponents of 0.57 and 0.5 for P/V and V 
respectively were reported, although these differences in the expo-
nents for different tank sizes are well within the scatter of the 
proposed correlation. 	For non-coalescent systems power inputs up to 
700 w/m3 only were covered in equation (6.2 ), whereas for the 
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coalescent systems P/V was varied up to 5000 w/m3 . Above 700 w/m 3 
the situation was reported to be more complicated and k 
L 
 a was 
found to level out with increasing power. Also, in analysing their 
data the depletion of oxygen was neglected and the results were not 
corrected for the probe response lag. 
Dunn and Einsele (2), in a theoretical study of the dynamic gas 
absorption method, took into account the gas and the electrode 
dynamics. Assuming both the gas and the liquid phases to be well 
mixed they presented and compared the possible simplified and 
geneal model equations. 	A detailed description of these models 
will be presented in section 6.4.2. The main conclusion was that 
large errors can result by using an incorrect dynamic model. 
Experimental work (22) was later carried out in a closed 50 litre 
propeller stirred bioreactor , for the air-water system, and the 
data treated according to a more general equation (model I - section 
6-4.2) which accounts for the accumulation in the gas phase, as well 
as mass transfer. 	The values of kLa,  obtained in this way, were 
higher than those generally published for coalescent systems, using 
more simplified models (32) (92). 	Tracer response experiments were 
also carried out showing that both the gas and liquid phase could be 
considered as backmixed at high as well as low stirring speeds. 
Roustan and Martinet (94) also evaluated k 
L  a values, by a dynamic gas 
absorption method, monitoring the concentration of the solute being 
transferred in the gas and liquid phase at the top of a closed 
140 litre tank (T = 0.43 and HL = 0.86), agitatedby two flat blade 
turbines. The experimental values of k 
L  a at the top of the reactor 
were derived from, 
dCL - 
dt 	- 	
kLa (C - C ) 	 (6.3) 
Ii top 
The deoxygenation of the liquid was carried out by two different 
methods: 	using nitrogen as the purging gas and using a small 
quantity of Na2 so  in the presence of Cobaltous sulphate. No 
appreciable difference in the values of k was reported by either 
method of deoxygenation. 	By an analysis, which is not clear, the 
authors concluded that: 
- the gas phase is between well mixed and plug flow 
regimes at vs = 3.83 x 10- 3 m/s and that at high gas flow rates 
(V s = 9.5 x 10 m/s) and generally at high power inputs the gas 
phase is well mixed. 
- the experimental values of k L a evaluated at the top of 
the reactor (equation (6.3)) were found to be much higher than those 
predicted by the classic semi-logarithmic plot (model IV - section 
6.4.2) for k L a values higher than 0.04 S 1 . 
Recently, Ziokarnik (us) presented two new methods to determine kLa: 
the pressure gauge method and the hydrazine method. The first is 
a non-steady state method which consists of absorbing gas under a 
high system pressure in a closed stirring vessel (T = 0.40 m and 
0.60 m) using a self aspirating hollow tube stirrer which sucks 
the gas from the space above the liquid and disperses it into the 
liquid. k 
L 
 a was evaluated from the quantity of gas fed from a 
measuring cylinder, necessary to compensate for the gas lost by dis-
solution as that required to maintain the system pressure at a 
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G 2 
constant value (2 bar). 	This method can be used with either coales- 
cent or non-coalescent systems. 	However, for use with conventional 
flat blade turbines in open tanks the hydrazine method was proposed. 
This steady state method is similar to the chemical methods with 
the advantage that the reaction between the hydrazine and the oxygen 
N 2 H4 + 02 	N 2 + H  2 0 	
(6.4) 
gives no products which could change the physical and chemical 
properties of the system. An appropriate hydrazine flow into the 
system was maintained in order to keep constant the oxygen concentra-
tion in the liquid phase. 	Mass balances showed that the salt 
concentration never exceeded 1 g/litre and the author claims that 
the system was, therefore, always in coalescent conditions. 
Experiments were carried out in tanks between 0.40 and 0.60 m 
diameter using the physical method with hollow stirrers and the 
hydrazine method with flat blade turbines. 	The results for 
coalescent systems were correlated by 
1 	1 	 2 1 
k 
 L a 	
0.015 (P/V 2 (Q/V) 2 [1/(p(ug )_~] 
	
(6.5) 
although it should be noted that a change in the-rotational speed of 
the hollow stirrers alters P and Q simultaneously. The author did 
not explain how to calculate the values of Q. 	It should also be 
mentioned that the values of k  L 
 a for the hydrazine method were based 
on the logarithmic mean driving force (based on the inlet and outlet 
oxygen concentrations) which is equivalent to assuming the gas phase 
to be in plug flow. 
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6.2.2 	Liquid side mass transfer coefficient (k LL 
in mixing vessels 
Calderbank evaluated the liquid side mass transfer coefficient by 
dividing the k L 
 a values obtained by physical solution methods, by the 
interfacial area measured by the light obscuration technique (14). 
His results showed that for "large bubbles" (between 0.2 and 0.5 cm 
diameter), usually obtained by aerating pure liquids, the k  values 
were higher than those obtained for "small bubbles" (less than 0.2 cm 
diameter) such as are produced by the aeration of aqueous solutions. 
was found to vary rather sharply in the transition region between 
the two size ranges although this transition region was not uniquely 
defined. 	Studies of the effect of the diffusion coefficient of the 
solute in the medium, ID, on the liquid side mass transfer coefficient 
were carried out by absorbing CO  in glycol and glycerol solutions. 
The author found that small bubbles behave like solid spheres 
(hindered interfacial flow) with k  being proportional to t and 
independent of the bubble size (in this region) or the degree of 
agitation of the liquid. 	For large bubbles k  was found to be 
independent of the bubble size and system dynamics, as in the case 
0.86 
of small bubbles, but proportional to ID 	. 	However, it should be 
noted that the changes in diffusivity were brought about by consider-
able changes in the viscosity of liquid. 	In another publication, 
Calderbank and Moo-Young (16) separated the effects of viscosity and 
diffusivity and proposed the following correlations: 
1 	1 
2 for large 
p2 	 (6.6) 
0.42 ( 	u g) (Ns ) 	bubbles 
and 
1 	_2 
for small 	(6.7) g) 	(N ) 0.31 	p P
p2 S 	bubbles 
where 
L p 	difference in density between dispersed 
and continuous phase 
NSchmidt Number (-u---) 
S 	 P1) 
The last equation (6.7) also holds for liquid-liquid and solid-gas 
dispersions in which the dispersed phases are free to move under the 
action of gravity. 	It can be seen that both correlations show that 
k  is independent of the bubble size and slip velocity and the power 
dissipated by the agitator. 	Similar findings were reported by 
Reith (78) and Metha and Sharma (60), using the chemical method to 
evaluate both k L 
 a and the interfacial area, a. 	Also, the dependence 
of 1) on k  for large bubbles found as 
1 
kL 	o. 	(D) -2 
	 (6.8) 
is in agreement with surface renewal models of mass transfer in 
potential flow (section 2.7). 
Linek et al (54),working with electrolyte solutions, found that the 
value of m in the relation 
1)m 	 (6.9) 
where 
function of hydrodynamics parameters 
of the system 
increased with increasing electrolyte concentration (from a value of 165 
0.46 for water and weak electrolyte solutions up to m = 0.66 for 
strong electrolyte solutions). 	While, in disagreement with 
Calderbank, the magnitude of the mass transfer coefficients was 
reported to be unchanged. The absorption systems used in this work 
consisted of dispersions of oxygen, nitrogen, argon and helium in 
water and in water solutions of Na2 so  , kI and Na2 so  in a 18 
litre tank. The k  values were found to be slightly dependent on 
the power dissipated according to the correlation proposed by Yoshida 
et al (lilt), for a flat blade turbine, as k  cx (P/V) 0 	(although 
25 other investigators (76) proposed k   cc (Ply) 0. ). 	However it was 
found that neither the mixing intensity nor the gas flow rate had any 
significant effect on the value of m. 
A photographic study carried out by Rennie and Valentin (80) on the 
absorption of an air-ammonia mixture in water containing acid as an 
indicator, in a 0.15 m diameter tank, stirred by a Rushton turbine, 
showed that the most "active" region of mass transfer was in the 
vortices trailing behind the impeller blades. 	It was concluded 
therefore that gas-liquid mass transfer in stirred tanks is to a 
large extent localised. 
6.3 	EXPERIMENTAL 
The variation of mass transfer rates with changes in impeller speed 
(and consequently power dissipated) and gas flow rate were studied 
for several different kinds of agitators, in aerated tap water. 
The effect of using "comb baffles" instead of conventional baffles 
(with the C.B.T.-II) and of using a non-coalescing system (air- 
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aqueous solutions of n-hexanol) was also studied. 
The technique used to measure oxygen solution rates, described 
earlier in section 2.7, consisted of purging the water with nitrogen, 
till the dissolved oxygen concentration fell to a small value, and 
of following the concentration of oxygen in the bulk liquid during 
the aeration process by withdrawing samples at regular time intervals 
(5 seconds). 	In general, after 45 seconds only very small changes 
in the dissolved oxygen concentration could be detected. However, 
the last sample, corresponding to the saturation concentration level, 
was taken 15 minutes later to ensure steady-state conditions. 	The 
samples were subsequently analysed by means of a Beckman Fieldiab 
Oxygen Analyser and the values of k 
L 
 a were evaluated from the relation-
ships discussed below. 
6.4 	CALCULATION OF THE MASS TRANSFER PRODUCT, k 
L  a 
6.4.1 	Basic assumptions 
The following assumptions were made in deriving the model equations to 
evaluate k 
L 
 a from the oxygen absorption rate measurements: 
The mechanism of gas absorption for such a sparingly soluble 
gas is purely physical and liquid film diffusion controlled. 
The liquid phase is well mixed. 
The gas-hold-up is established very rapidly on admitting 
air to the tank and the gas phase volume therefore remains constant 
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with time. 
The work of Calderbank (is) and Yoshida et al (113) indicated that the 
gas phase mass transfer resistance, for the system air - water, is 
negligible. 	Smith et al (92) evaluated k 
L 
 a by the above dynamic 
method, at very low stirring speeds, by placing the 02 - probe at 
different positions in the tank and found no appreciable concentration 
gradient in the liquid phase, thus confirming that the liquid is well 
mixed. 	The assumption of the rapid establishment of gas hold-up, 
and consequently of constant gas volume, VG, is a recently recognised 
problem since most workers (92) (15) (32) have used simplified models, 
in which oxygen depletion of the gas phase is ignored (and V is not 
involved), to evaluate kLa. 	This assumption was found to hold for 
the present coalescing system, since the gas hold-up is relatively 
low and consequently the gas phase mean residence time, (= VG/Q),  is 
small. 	The gas phase mean residence time was always less than 
10 seconds, which implies that even if assumption 3) was not valid, 
only the first experimental observation (at t = 5 sec) would be 
affected. Comparison of k 
L  a evaluated using all the experimental 
observations and neglecting the first one, showed no appreciable 
difference, leading to the conclusion that VG  can be considered 
constant at all times. 
However, for the non-coalescing system used, where the gas hold-up 
values are much higher than for similar conditions (r.p.m. and V) 
in tap water, assumption 3) is not valid. 	In fact the gas mean 
residence time, for the system air - n-hexanol aqueous solutions in 
the equipment used could beas high as 30 seconds, which means that 
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most of the samples were taken while the gas hold-up was increasing. 
For this case the values of k L a evaluated by the simplest model (where 
the transient state of the gas phase is not taken into account) were 
used purely for the sake of comparing the effectiveness of the two 
different agitators used. 
6. 14.2 	Evaluation of k L a using the well mixed models for the 
gas phase 
In this section a detailed discussion of the different models used to 
evaluate kLa,  assuming the gas to be well mixed, will be presented. 
The resulting mass balance equations for the solute in the gas and 
liquid phases were solved to give the concentration of the solute, in 
both phases, as a function of time. 
a) 	Model I 
Since the gas volume inside the tank, VG,  was considered to be constant, 
the mass balance for the solute in the gas phase is described as: 
d C G 
dt 	
Q (C GI- CG ) - k L  a ( CL - CL ) V 	
(6.10) 
where the subscript 0 stands for the gas phase, L for the liquid phase 
and I for the inlet conditions. 
Similarly, for the liquid phase in the unsteady state, 
d C L 
kLa (CL - CL) 	 (6.11) 
dt 
For sparingly soluble gases it is known that 
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P 	partial pressure of the solute gas 
He 	Henry constant 
M 	Molecular volume of the liquid 
Equation (6.12) can be written as: 
C 
L 	G 	g C (R T/H M) 	 (6.13) e 
where 
R 
	= Universal gas constant 
T' 	z Absolute temperature 
Equations (6.10) and (6.11) can be rearranged to give respectively 


















 L  a 
The initial conditions are: 
( Y 	Y(0) 
t= 0 
Y l 	Yl (0) 
Equations (6.1) and (6.15) can be solved by Laplace transformations 
followed by inversion to give Y 1 and Y as a function of time. The 
solution can be written as: 
Y1(t) 	61 [ 1 + x 2  Exp 	
- 2 
X 3 
 Exp ( 
- 	
t )] 1- 
+ 6 
2 [X4 Exp ( - ~ 2 t ) 	1- 
X5 Exp ( 
- 	
t )] + 
+ s 3  [x 6  Exp ( 	t ) 	
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Y 2(t) 	 Y 2 (0) Exp 	t ) 	+ 
tA i [ W i +W 2 EXP ( - 2 t ) 	+ 
+w 3 Exp( -t ) 	+ 
+ w Exp ( - 
	t )] + 
t X 2 	Exp ( - 	
t ) 	+ 
wExp( -t ) 	1- 
Exp ( - 
	
t )] + 
+A 3 [w8 ExP(_ 2 t) 	+ 
w 9 Exp ( 	t ) 	+ 










- 4a 2 a 5 ) 
8 3 
a 
 1 a 
 5 
a 1 1- a 5 Y1 (0) + a 5 a 3 Y 2 (0) 
c5 3 	Y1 (Q) 
x1 	z 	1 / (82 83) 
1 /0 2  0 2 - 8 3 ) 
1 / 0 3 03 
- 
82) 




1 /0 2 - 83) 
X6 	 2 /U 2 - 83) 
8 3 / (83 
- 8 2 ) 
2 




 4 a 5  (a1 + ct 5 Y1 (0) + a 5 a 3 Y 2 (0)) 
A 3 	a 4 a 5 Y1 (0) 
1 /0 1 82 83) 
1 / (8 2 (82 	83) (81 	8 2 )) 
1 / (8 3 (8 2 	8 3 ) (83 
- 
= 	1 I 	8l2 	8) 	- 	)) 	
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= 	1 / 	- 8 1 ) 	2 - 83)) 
W6 	= 	1 / 	- 83) (8 1 - 8 3 )) 
= 	1 / ((82 - ) ( a - 
W8 = 	82 / 	- 8 3 ) 0 - 
(1)9 	= 	8 3 / (( 82 - 8 3 ) 0 3 - 8 1 )) 
81) 01 	8 3 )) 
If we assume gas and liquid to be in equilibrium at t = o, then 
Y 1 (0) 	Y 2 (0) I 
	
(6.18) 
The differential equations, equations (6.1 1 ) and (6.15) were solved 
numerically by the Runge/Kutta method (49) to check the analytical 
solutions, equations (6.16) and (6.17). 
Equation (6.5) is frequently simplified and the possible simplifica-
tions are discussed below. 
b) 	Model II 
This model is based on model I except that the mass transfer term in 
the gas phase is neglected. 	Thus the gas phase mass balance equation 
(6.14), reduces to: 
d Y 1 	 - 
c 
2 Y 
	 (6.19) 1 	1 dt 
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The mass balance for the liquid phase is still given by equation (6.15). 
In this case 
Y1(t) = Y1 (0) Exp 	- 2 	+ 
	
+ 1'2 (1 - Exp 	- 2 	
(6.20) 
and 
Y 2(t) = Exp ( - 	
t ) I Y 2 (0 + 	a5 Y1(0) 1 1 + 
+ a 1 	a5 	
] + 
+ Exp ( - "2 
	) [a a5 Y
1 (0) Y 2 + "1 "4 a
5 1 5 ] + 
+ ci Ot a
5 1 3 
(6.21) 
where 




5 - a) 2 
1 3 1/ a (Cl 2 a 5 
14 1/(a 5 (a 	- 5 a2 




C) 	 Model III 
This model is also based on model I except that the accumulation term 
of solute in the gas phase is neglected. Therefore equation (6.14) 
reduces to 
0 	"1 - " 2 1 - " 5 a3 
( a 4  Y1 - Y 2 ) 	 (6.22) 
The liquid phase mass balance is as given by equation (6.15). 	
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Combining equations (6.22) and (6.15), the solution for Y 2 (t) can 
be written as 





6 5 	5 4 
a /(l+a a (a 
The term Ot Y11 is normally designated by the saturation concentration, 
and therefore equation (6.23) can be rewritten as 
sat 
Y (t) 	C 	-(C* 	- Y (0)) Exp (- a 6 t ) 	(6.24) 2 sat 	sat 2 
d) 	Model IV 
This is the simplest model, which has been frequently used. 	It is 
based on model I, neglecting both the accumulation and the mass trans-
fer terms, so that only the liquid phase mass balance equation need to 
be considered. Thus equation (6.15) is now given by 
d C L 
k a (C* 	- CL) 	 (6.25) 
dt 
L 	sat 
The solution of equation (6.25) in terms of Y 2 (t) is 
Y (t) 	C 	- (C 	- Y2(0)) Exp (- a 5 t ) 	(6.26) 2 sat 	sat 
where, as mentioned before, a5= kLa. 
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From the foregoing it can be seen that the evaluation of k L a from 
models where the gas dynamics are accounted for (Model I and II) 
involves knowledge of the gas hold-up. 	
Model iii considers the gas 
phase to be in a steady state condition and Model IV assumes no 
depletion for the solute in the gas phase. Numerous investigators 
(32) (92) (74) (9), using physical methods, have evaluated k L 
 a from 
the simplest model (Model Iv). 	Calderbank 
(15) and Robinson and 
Wilkie (92) used Model III; and Dunn et al (29) (22) used Model I. 
In the next section the experimental results, obtained with the 
F.B.T.-I, will be treated according to the four models derived 
above in order to compare the estimated k L a values. 
6.5 	RESULTS AND DISCUSSION 
A preliminary analysis using model III was performed (29), where k L  a 
was evaluated from 
C 	- C sat 	L0 
In -- 	6t 





oxygen concentration in the liquid phase 
L  
at t 	0 (= Y 2 
 (0)) 
k 
L  a / (1 
1- (kLa R T' VL / (He 14 Q)) 
In order to compare these k L a values with those obtained with the most 
general model (Model I), kLa was subsequently evaluated from equation 












( Q :4.l6xlO 3 m3 /s 
* - F.B.T. ( 	 -1 
N = 5.83 S 
1.20 x 10_ 6 
a 2 = 0.137 
- 
a 3 - 19.8 
CL = 0.0336 ' 
Y (0) = 5.06 x 
-2 	3 
10 gmoles/m 
Y1 (0) = 	1.50 moles/m3 	7 
C* 
sat 
= 	2.93 grnolesfm 3 
- 
. 
(k a) 0.0877 S 
(k a) 
L 
=0.0643 S 1 
(kLa) 0.0495 S- 1 
III - 
(kL.a) 0.0399 S IV 
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Fin. 6.1 	- 	Comparison of the predicted concentration history of the solute in 
the liquid phase (models I, II III and IV) with the experimental values 
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Summary of the k 
L 
 a values for the F.B.T.-I, in tap water, 
according to the well mixed models 
P/V 	 (kLa) 1 	(kLa) 11 	(kLa)111 	(kLa)IV 
(xlO ) 
V 	= 6.34 x 
-3 
10 	rn/s 
0.59 0.0472 0.0395 0.0340 0.0292 
0.99 0.0645 0.0508 0.0416 0.0347 
1.65 0.0880 0.0645 0.0497 0.0401 
2.48 0.1140 0.0794 0.0576 0.0451 
3.46 0.1950 0.1170 0.0690 0.0518 





0.53 0.0545 0.0466 0.0386 0.0341 
0.90 0.0774 0.0625 0.0497 0.0425 
1.41 0.1050 0.0829 0.0596 0.0495 
2.14 0.1440 0.1080 0.0675 0.0548 
3.12 0.2250 0.1590 0.0812 0.0635 




0.41 0.0605 0.0571 0.0461 0.0415 
0.73 0.0904 0.0764 0.0561 0.0495 
1.24 0.1210 0.0971 0.0669 0.0577 
1.89 0.1610 0.1190 0.0759 0.0642 
2.60 0.2150 0.1480 0.0901 0.0741 
3.65 0.3410 0.2100 0.1005 0.0810 
corresponding predicted values (equation (6.17)) and the sum of 	
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squares of deviations between the observed and the predicted values 
was minimized with respect to k 
L  a (75). 	As Fig. 6.1 shows, not 
only do the k 
L  a values differ significantly, depending on the model 
used, but also the quality of the fit improves markedly when the 
most general model is applied. 	The notation (k L 
	r a) , (k a) 
(k L 
	 L iv 	 L 
a) and (k a) denotes the k a values evaluated respectively 
from models I, II, III and IV. 	It should be noted that the pre- 
dicted concentration histories from models III and IV will be 
identical although the k L a values are quite different (equations 
(6.24) and (6.26)). 
6.5.1 	Comparison of k L a values from Models I to IV evaluated 
from the experimental data using F.B.T.-I 
All the four back mixed models were applied to the data collected with 
the F.B.T.-I and the results are presented in Table 6.1. 	Fig. 6.2 
shows a typical variation of k L a with P/V for the four models. As 
can be seen, the values of (k L 
	 L iv 
a) and (k a) are well correlated 
to P/V by a straight line on log - log coordinates, whereas the 
slope of the curves of (k L 
	 L 
a) and (k a) versus P/V increases at 
high P/V values. 	Similar trends were observed at all gas flow rates. 
Fig. 6.3 shows the variation of kLa,  according to the extreme cases, 
Model I and IV, with P/V for all the gas flow rates studied. It is 
interesting to note that these values of (kLa)  are of the same order 
of magnitude as those obtained by Metha and Sharma (60) using the 
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Fig. 6.2 - Typical kLa variation as a function of P/V 
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Fig. 6.3 	- 	Variation of (kLa) and (kLa) 	as a function of P/V and 
I 	 IV 
et al (22) for the air - water system, in a closed tank, evaluated 
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by the most general model. The (kLa)  values are in the range of
IV 
those usually published for coalescing systems, evaluated by physical 
methods using the simplest model (32) (15) (4) (c8). 
As Fig. 6.3 (and Table 6.1) shows, the ratio (k L 
	L 
a) I(k a) 	varies 
IV 
from about 1.5 up to 7.7 (obtained for the highest stirring speed and 
the lowest gas flow rate). We can therefore conclude that severe 
errors will result when the most simple model is used to evaluate 
kLa. 	However, it should be noted that the approximate range of 
variation of that ratio ((kLa) I / ( kLa ) ) is reported for a 600 litreIV 
tank and for 02  dissolving in the air - water systems. As will be 
seen in the next chapter (Chapter 7), the differences between (kLa) 
and (k 
L iv 
a) are not the same when using another size of tank. 
Generally speaking, the relationships presented in Figs. 6.1, 6.2 and 
6.3 will be different when changing the system parameters. 
Examination of equation (6.17) showed that the predicted (k 
L 
 a) values 
1 
were sensitive to changes in gas flow rate and gas hold-up (and 
consequently to VG);  however the uncertainty in these measurements 
is very small compared to the large differences in the k 
L 
 a values 
obtained from the different models. 	For a typical case, a 15% 
increase in Q (from 350 litres/mm) will result in about 13% decrease 
in (kLa) (from 0.110 S_ 1 ). 	Similarly, a 15% increase in the gas 
hold-up (from 0.066), at a gas flow rate of 350 litres/mm, will 
result in a 26% increase in (k a) (from 0.110 S 1 ). 	It should be 
noted that the marginal variations in the gas flow rate and gas hold-
up measurements are considerably lower than those assumed above. 
Fig. 6.3 also shows that in the region below P/V = 2.5 kw/m 3 , which 
corresponds approximately to 400 r.p.m., (k 
L 
 a) can be linearly 
1 
correlated with P/V, on a log-log scale, for the three gas flow rates. 
In order to compare the exponents of the commonly used correlation, 
equation (6.1) (kLa a (Ply) 
x2
(V) ), using models I and IV, the 
values of x 2 and x 3 were evaluated from the above plot (Fig. 6.3). 
It was found that the exponent x 2 nearly doubles when using model I 
instead of model IV Cx 0.62 for (k a) and x 	0.32 for (k a) ), 2 L 1 2 Liv 
whereas the value of x3 was approximately independent of the model 
used (x 
L 3 	 L 1 	3 	 iv 
	
z 0.7 for (k a) and x 0.65 for (1< a) ). 	However, at 
stirring speeds above 400 r.p.m. both x 2 and x 3 change with P/V and 
V in a complex way. 
The relatively rapid increase in (kLa) at high power inputs seems to 
be due to changes in the agitation conditions, as discussed below. 
Calderbank (15) (14 ) reported a similar effect for the interfacial 
area which he attributed to surface aeration. 	However, his conclu- 
sion that k 
L  a followed a similar trend with increasing P/V was made 
using a simple model (Model III) and this was not observed in the 
present work when ModelIIT was employed. 	It may be recalled that, 
in our work, the experimental values of the interfacial area are 
comparable to those predicted by equation ( 5.6 ), proposed by 
Calderbank, where there is no surface entrainment. 	This is in 
agreement with the findings of Fuchs et al (32) who reported that 
surface aeration is an important factor only for tank sizes less than 
200 litres. 	As these investigators worked in large scale tanks, at 
lower power inputs than those reported here, it is possible that the 
larger variation of k 
L 
 a with P/V may not have been detected in their 
work. 	In the present study it is reasonable to assume that surface 
aeration affects the (kLa)  values at high stirring speeds (> 400 	
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r.p.m.) although this trend was not noticed in the interfacial area 
measurements nor in gas hold-up (where these variables were well 
correlated with (P/V) 2 (V) 3 ). 	If there is surface aeration the 
actual gas flow rate through the system will be higher than the value 
of Q used in evaluating (kLa)  and, as shown before, an increase in 
Q will result in a decrease in kLa. 	Furthermore, in the region of 
high P/V, where k 
L  a increases very rapidly (on a log-log scale), the 
evaluation of k L a from equation (6.17) was found to be very sensitive 
to the changes in gas flow rate; for example, a 15% increase in Q 
(from 250 litres/mm) will result in a 35% decrease of (k a) (from 
0.448 S 1 ). 	However, the extent to which Q must be increased to 
cause a reduction in (k 
L 
 a) remains an uncertain factor due to the 
1 
difficulty in quantifying the amount of gas entering the liquid 
surface from the top. 
An attempt was made to calculate the liquid side mass transfer co-
efficient, k 
L , by dividing (k a) by the average interfacial area, 
a (= ad/(1 - H)); the interfacial area measurements were carried out 
under identical circumstances, as discussed in Chapter 5. 	The value 
of k   was found to increase with P/V and varied from 7.3 x 10 rn/s 
to 3.4 x lO rn/s. 	k  values were also evaluated from Higbi&s 
equation (equation (2.27)), which can be written as k = 2 (D ü / 
1 	 L 	b 
(n db))2. Using the extreme values of the average bubble rise 
velocity, 40 and 65 cm/s (Table 4.2 ), the predicted values were 
respectively 5.4 and 6.8 x 	rn/s. 	The k   values obtained in this 
work are, thus, higher than those predicted by Higbie's equation and 
also from Calderbank's reported constant value of 4 x iO 4 rn/s for the 
18 
air - water system. No information has hiterto been available on 
k  evaluated from k 
L 
 a values using the most general model instead of 
more approximate models. Moreover, the visual studies of Valentin 
and Rennie (Qo) showed that an exceptionally large amount of mass 
transfer takes place in the impeller vortex region where the inter-
facial area cannot be measured by the technique used in this work. 
Therefore it may not be appropriate to evaluate k   on the basis of 
the interfacial area averaged over the volume of the tank. 
6.5.2 	Comparison of (k a) and (ka) 	for all the impellers 
L — iv 
(VL 	
3 0.60 m ) 
The data for all impellers were treated according to the most general 
model (Model I), using the gas hold-up data given in Chapter 5 , as 
well as the simplest model (Model IV). 	The k L 
 a values for models II 
and III will fall between these two extremes ((k a) and (k L IV a) 	). 
The results are presented fully in Tables C.l to C.9 of Appendix C, 
as a function of P/V for the various gas flow rates studied. These 
results are also shown in graphical form in Figs. 6.14 to 6.7, for the 
highest and lowest gas flow rate. As can be seen from these figures, 
(k 
L i 	 L iv 
a) values are always higher than (k a) 	for all the P/V values 
and gas flow rates, and the ratio (k L 
	L iv 
a) /(k a) was found to vary 
with the type of impeller. 	The differences among the various 
agitators become more apparent when using the most general model. 
From Figs. 6.4 and 6.5 one can distinguish two kinds of curves: 
curves 1, 3, 14, 6 and 7, which show an increase in slope with P/V and 
curves 2, 5, 8, 9 and 10 which can be represented by a straight line 
Q 	= 4.16 x 	m3/s 
(V z 6.34 x 	mis) 
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Fig. 6.5 	- 	(kLa) 1  for all the impellers, in tap water, as a function of P/V 
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on a log-log scale. 	Furthermore, curves 1, 3 and 4 also show higher 
values of (kLa)  than the others (2, 5, 8, 9 and 10) for the same 
P/V values. 
Comparison of Figs. 6.4 and 6.5 leads to the conclusion that, on the 
basis of k 
L  a versus P/V, the comb blade turbines I and II and the 
Flat blade turbine - I (corresponding to curves 3, 4 and 1 respectiv-
ely) are superior to the others (see pagel9l); the comb blade 
turbines (I and II) being superior to F.B.T.-I at high gas flow rates. 
The six comb rings I and II (curves 6 and 7, Figs. 6.4 and 6.5) also 
give high values of k 
L  a (though less than C.B.T.-I, C.B.T.-II and 
F.B.T.-I), specially at high P/V values. 	However, as shown by 
measurements of power under non-sparging conditions (Section 3.4) 
the behaviour of these turbines is affected by surface aeration, 
perhaps to a large extent due to their configuration (some of the 
rings are very near to the liquid surface). 
From curves 2, 5, 8, 9 and 10 (Figs. 6.4 and 6.5) it can be concluded 
that 
(kLa ) 	 > (kLa) 	 > (k a) 
F.B.T.-II 	 C.B.T.-III 	L D.I.-I, II, III 
for the entire range of P/V and V covered in this work. 
Similar conclusions can be arrived at from figures 6.6 and 6.7, where 
k 
L 
 a was evaluated by Model IV. 	Furthermore, an identical "scale of 
performance" was also obtained from the gas hold-up measurements, 
Table 5.3. 	It is, however, not possible to correlate all the (kLa) 
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Fig. 6.6 	- 	(kLa) 	for all the impellers, in tap water, as a function of P/V 
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Fig. 6.7 	- 	(kLa) 	for all the impellers, in tap water, as a function of P/V 
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data by an equation of the type used in the hold-up correlation with 19 
an average exponent on P/V and V 5 since the behaviour of the various 
agitators is markedly different. Moreover, we cannot compare the 
results obtained in the present work with those reported in the 
literature for turbines other than the F.B.T.-I, for which studies of 
surface aeration as well as hydrodynamic conditions (flooding and 
recirculation) were carried out (14) (6?). 
The above discussion is based on the evaluation of kLa, assuming the 
gas phase to be well mixed. 	However, the studies published in the 
literature, concerning the mean residence time distribution of the 
gas phase, were all carried out in small vessels where the approxima-
tion that the gas phase was well mixed was found to be valid (39) (22) 
(34). 	The sharp increase in k L a values, particularly at high power 
dissipation values, observed for some impellers when using the 
most general model, cannot be attributed to a wrong assumption of 
the gas phase not being well mixed since, at high stirring speeds 
and consequently at high P/V values, the gas is more likely to be 
back mixed than in plug flow. 	Nevertheless, some theoretical 
simulations were carried out, assuming the gas to be in plug flow 
in order to compare the resulting k 
L 
 a values. 	These studies will 
be discussed in section 6.6. 
As model I is the most appropriate in a tank of this size, because it 
correctly accounts for the gas phase dynamics, a plot showing the 
variation of (k a) with P/V for the best"turbines found in this work 
- Comb blade turbines I and II - is shown in Fig. 6.8. 	Since the 
(kLa) values for these two turbines do not differ significantly a 
single curve was drawn through all the experimental points. 	It 
500 	 1000 	 uou 
Fig. 6.8 	-. (kLa) as a function of F/V and V for C.8.T.-I and C.B.T.-II 
I 
'.0 
Q = 5.83 x 	m 3 /s 
(V = 8.87 x 10- 3 
(V3 	1.27 x 10 
-2 
 mis) 
(KLa ) I 
0.5 
0.1 
Q = 4.16 
(V = 6.34 
v - C.B.T.-I 
* - C.B.T.-II 
0.60 1 
should be pointed out that for the highest value of power and gas 	
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flow rate (Tables C.2 and C.3 ) it was not possible to estimate 
k 
L  a from the transient measurements for these two turbines. 
Examination of equations (6.16) and (6.17) shows that when the 
observed liquid concentrations are such that k 
L  a has to be necessarily 
very high, Y1 (t) and Y 2 (t) are related by Y 2 (t) = c Y 1 (t) and Y1 (t) 
is virtually independent of kLa. 	Under these circumstances local 
equilibrium conditions prevail at all times and kLa cannot be 
estimated. 
6.5.3 	Effect of "comb baffles" on kLa 
The results of (k 
L 1 a) and (k a) 	using the comb baffles with C.B.T.-IIIV
as the impeller, are presented in Table C.10 of Appendix C. 	A 
comparison of Tables ClO and C.3, where the standard baffles were 
used with the same kind of impeller, revealed that there is not much 
difference in the performance of this turbine using the two kinds of 
baffles. Similar conclusions were arrived at from the power and gas 
hold-up measurements. 
6.5. 14 	k a measurements in a non-coalescing system - aqueous 
n-hexanol solutions 
In order to compare the performance of the comb blade turbine, C.B.T.-I, 
and the flat blade turbine, F.B.T.-I, in non-coalescing systems, 
experiments were carried out using n-hexanol as the surface active 
agent. 	As mentioned before, two aqueous solutions of n-hexanol were 
F.B.T.-I 	 C.B.T.-I 
- tap water 	 - tap water 
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Fig. 6.9 	- 	Comparison of (kLa)IV  values for n-hexanol solutions and 
for tap water at Q = 4.16 x 10 	m3/s (V s = 6.34 x 10 	mis) 
	
U, 
used, 0.01% and 0.02% (wt/wt). 	The power dissipated, as well as 	
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the gas hold-up and the k 
L  a measurements, seem not to be affected by 
the change in n-hexanol concentration. 	The values of (k 
L 
 a) as 
IV 
a function of P/V are presented in Tables Cli, 12 of Appendix C and in 
graphical form in Fig. 6.9. 	The experiments were carried out only 
at the lowest gas flow rate (Q z 4.16 x 10 m 3 /s) since the gas 
hold-up was found to increase tremendously with Q. The k 
L 
 a values 
were evaluated according to the most simple model (Model IV), for 
reasons discussed previously in Section 6.41. 
As Fig. 6.9 shows, the (k 
L iv 
a) 	values are much higher for the n-hexanol 
solutions than those for tap water, under identical conditions. 	This 
is due to the great increase in the interfacial area which seems to 
be much greater than the decrease in k   predicted by Calderban]< (16). 
Comparing the performance of the two turbines it can be concluded 
that higher (k L 
iv 
a) 	values are given by the C.B.T.-I than by F.B.T.-I, 
in agreement with the findings for tap water at higher gas flow rates 
(curves 3 and 4, Figs. 6.5 and 6.7). 
6.6 	SOME COMMENTS ON THE ASSUMPTION OF PLUG FLOW IN 
THE GAS PHASE 
Simulation studies were carried out in order to compare the effect on 
k L a of considering the gas phase to be in plug flow. 	The basic 
assumptions are the same as those listed in Section 6.1.1. 
If we consider an element of dispersion volume, the oxygen mass 
balance in the gas and liquid phases as a function of time, t, and 
height of dispersion, z, will be 	
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Ac.z.H I CG ( t , z ) I 	CG(t,z) it t--,t 
At.Q [CG ( tz ) J 	- C(t,z) 
I+]- 
kLa[C (t,z) - 
- CL (tz)] Ac.z (1 - H) At 
(6.28) 
for the gas phase, where 
Ac 	tank cross sectional area 
H 	gas hold-up 
and for the liquid phase 
% 
(t, Z) 	




(t,z) L 	, H H G 
e 
As the liquid was assumed well mixed, an additional equation is 
necessary to average the liquid concentration throughout the tank, 
C 
L5 
which will be 
L 
max CL (t,z) dz 





 is the total dispersion height. 
Substituting equation (6.29) into (6.28) and simplifying 
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3 C(tZ) - 	3 CG (t,z) 
Ac . H 	 - - Q 
3 z 
- 3 CL  (t,z) 
3 t 
(6.31) 
In dimensionless form, equations (6.31), (6.29) and (6.30) will be 
given respectively by 
(6.32) + Tj 	 + 	 0 
as 	1 30 	2 	30 
3 
30 	
3 	A - g) 





CG (t,z) / CGI 
CL (t,z) / CCI 
0 	t/T max 
S 	= 	z/L max 
AcH L max 




= 	Q 	T max 
a T fl3 	
max 
Rg TI (He  M) 
	 19 9 
CGI 	fixed solute concentration in 
the gas phase at the inlet 
Tmax 	total time of operation 
The initial conditions are 
sO,forall0 
0O, for all s 
9
A = gA and f A = f (= g In4) 
0 	 0 	0 
Equation (6.32) and (6.33) can be simplified by the following 
transformation 
n j_ s 
0 - n j_ s 
Equation (6.32) reduces to 
a f A 




and equation (6.33) becomes 
a 
a r 	- 	3 (1) 








11 3 71 4 I n 	 ( = S 11 2 1) 3 T4 ) 
r 	r 1 11 3 ( = (n 3  (0 - 	s ) ) 
then equation (6.35) becomes 
A 	
- 	 (6.37) 
and equation (6.36) will be 
+ 	 (6.38) 
with the following initial conditions 
0, for all 	f
A 	
(1 - 
r=o, for all 
The analytical solutions of equations (6.37) and (6.38) are'given, 
for a similar problem, by Bateman (4 ). 	Hence 
-r 	- 
tA 	- 	) - (n4 - 	) e I e 	I(2fF) d 	 (6.39) 
0 	 0 
and 
r -r 




( ) denotes the modified zero order Bessel function of the 





 F) 	1 - (1 - fA ) e 
and 
- 
1') 	+ 	- 9A )e 
- 
e 	I 
0  (2 /j) d 	
(6.41) 
r -r 
I e 	I (2,/C r) dF 	(6.42) 
0 
0 
The analytical solutions presented above were checked by solving 
equations (6.32) and (6.33) numerically by a finite difference 
scheme (49). 
For a given set of parameters, n 1 , n 2 , T1 35 r and CL (CL at t = 0) 
and for an assumed value of 0 and s, the integral IF eF I (2V'Th)dF 
was evaluated numerically, by Simpson's rule. 	This calculation was 
repeated at different values of s, for the same value of 0. 	The 
average value gAwas then calculated from equation (6.3 1 ), also by 
Simpson's rule, for that value of 0. 	This procedure was repeated 
at different 0 values, up to 0 = 1, to obtain the average solute 
concentration in the liquid phase as a function of time. 
The liquid concentration profile was afterwards treated as "observa-
tions" in models I and IV where the gas phase is considered to be 
back mixed in order to calculate (k L 
	 L iv 
a) and (k a) . 	This analysis 
was repeated at various values of n (or kLa)  and the plot shown in 
Fig. 6.10 was obtained for the specified set of conditions. 	As can 
be seen from Fig. 6.10, for a given liquid phase concentration as 
a function of time, the assumption of gas phase being in plug flow 
will result in a lower value of k 
L 
 a, compared to (k a) . 	Physically 
2 
( kLa )WM 


















0 	 0.05 	 0.1 
(kLa ) 
Plug Flow 
Fig. 6.10 - Comparison of plug flow and well mixed 
model for the gas phase 
Parameters used in the simulation study are: 
V L = 0.6m 3 
Ac = 0.66 m2 
H = 0.067 (V0 = 0.043 m3 ) 
Q = 0.0058 m3 /s 
RgT/(He M) 	0.034 
Cc) 	0 
L to 
T '40s max 
L 	 0.98m max 
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this can be explained as a consequence of the higher driving force 
resulting in a lower k 
L  a value. However, the actual driving force 
in the plug flow model, is always lower than that considered in 
model IV, ( C •at CL), where the transient build-up of the solute 




The assumption that the gas phase is in plug flow is expected to be 
valid for bubble columns. 	In the case of small agitated tanks 
the gas phase has been shown to be well mixed. Even for larger 
tanks the gas phase is likely to be closer to back mixed condition 
than plug flow, particularly at high stirring speeds. 	In order to 
make a rigorous analysis, k 
L  a should be estimated by monitoring both 
the gas phase and the liquid phase concentrations. 	In the present 
work, however, since the gas phase concentration was not measured 




L  a values evaluated by assuming a backmixed mode for both phases 
and using an unsteady-state model (Model I), revealed them to be higher 
than those obtained by assuming.a quasi-steady state model, as 
generally employed hitherto. 	The higher values of kLa,  as evaluated 
by model I, are in agreement with the findings of Dunn et al (22) (28) 
and are comparable to those found using the chemical method (60) 
k L a values were estimated according to models of varying complexity 
and a detailed analysis was based on data collected from the F.B.T.-I. 
A further analysis was carried out on the basis of the extreme values 
obtained, corresponding to models I and IV, for all the other turbines, 
in tap water. There was agreement in the classification by order of 
merit of the impellers, as judged by the k 
L  a values obtained using 
models I and IV; (kLa)  always shows a greater dependency on P/V. 
The "best" trubines were found to be the C.B.T.-I and II, followed by 
the F.B.T.-I, the former being significantly superior at high gas flow 
rates, whereas the disc impellers gave a relatively poor performance 
at the same P/V. 
The liquid side mass transfer coefficient evaluated from (kLa)  and 
the average interfacial area in the bulk of the tank, a (= ad / (1 - H)), 
was found to be much higher than the minimum value predicted from 
Highie's equation (equation (2.27) using the measured bubble rise 
velocities. 	This leads to the conclusion that much higher values of 
a (or k L 
 ) must exist in the immediate vicinity of the agitator. 
Using (k L 
iv 
a) a linear plot can be obtained as a function of P/V., on 
the log-log scale, with the gas flow rate as a parameter which explains 
the successful application of correlating equations of the type 
k L 	•1 a = 	x 	(Ply) 	)x 3  s 
frequently used in the literature. 	However the values of (k a) were 
found to be linear (on a log-log scale) only up to a certain value of 
P/V. 	At higher values the increase in (kLa)  was more pronounced. 
One possible explanation is the onset of surface aeration which would 
increase the actual gas inflow above the sparging value used in 
estimating (kLa). 	However this effect is extremely difficult to 205  
quantify. 
A simulation study, assuming the gas phase to be in the plug flow 
mode, has been shown to result in lower values of k a than (k a) 
L 
for the same liquid phase time-concentration history. This model, 
which is presumably valid in the analysis of transient data in bubble 
columns, cannot explain the high values of kLa, obtained in the 
present investigation,'particularly at high P/V values, since under 




SCALE - UP 
7.1 	INTRODUCTION 	
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In this chapter the mass transfer products, kLa,  evaluated according 
to models I and IV (discussed in Section 6.4.2) in a 43 litre tank 
are compared with those previously obtained in the 600 litre tank. 
These two sets of data provide a basis to test different scale-up 
criteria proposed in the literature. 
7.2 	LITERATURE SURVEY 
The scaling up of gas - liquid mechanically agitated contactors has 
been studied by several investigators although no generally applicable 
criteria are available. 
Westerterp et al (106), working with tanks from 2.2 to 570 litre 
capacity, found the mass transfer product and the interfacial area 
in both vessels to be directly proportional to (N - N) D /.Pi (where 
N is the minimum effective rotational speed, equation (3.12)). 
Metha and Sharma (60) have also found N D / fl to be the correlating 
parameter when V   was varied from 1.5 to 280 litres. 	In both papers 
the gas velocity was reported to have no effect on either k 
L  a or a, 
for stirring speeds above the minimum. 
Numerous correlations have been proposed by other workers, where kLa, 
a and H have been correlated with P/V and V each raised to an 
S 
exponent. However the range of exponents and pre-exponential factors 
reported is extremely varied as may be seen from Table 5.1 and 
Sideman et al (go). 	Zlokarnik (115) proposed that the specific gas 
flow rate (= Q/V), related to the commonly used fermentation design 208 
parameter v.v.m. (= 60 Q/V), be used instead of V in the above 
type of correlation. 	His studies were based on the tank sizes, 
50 and 170 litres, with two different types of agitator (flat blade 
turbines, and hollow tube stirrers). 	Fuchs and Ryu (32) worked 
with a range of tank sizes from 10 to 51000 litres and their data 
showed that for the same P/V and v.v.m. values, k 
L 
 a goes through 
a maximum as the tank volume is increased, although no scale-up 
criteria were proposed; the results being presented in graphical 
form. 
Mann, Middleton and Parker (s) recently published a theoretical 
study of agitated sparged tank reactors based on a model comprising 
a number of mixing zones. 	Using a multiple product gas - liquid 
model reaction they concluded that an equal tip speed and specific 
gas flow rate (= Q/V) scale-up results in a deterioration of mixing 
quality, as well as a decline in product yield as the tank size is 
increased. 	In agreement with the above authors, Nienow and Wisdom 
(Ge) suggested a scale-up criteria based on equal rotational speeds, 
N, and v.v.m. values. 	Correlations of this kind involve practical 
difficulties when extrapolated to large scale vessels, due to the 
very large power inputs required and the foaming problems experienced 
at high gas flow rates. 
It should be noted that most previous scale-up criteria (32) (68) (92) 
are based on k 
L  a evaluated from the simplest model (Model IV, Section 
6.4.2) and it has been shown in this work that this leads to con-
siderable error; consequently the validity of the above criteria has 
to be re-examined. 
7.3 	EXPERIMENTAL 
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7.3.1 	The mixing equipment 
The mixing tank used was a 43 litre tank, 0.38 m diameter, geometric-
ally similar to the 600 litre tank extensively used in this work 
(Fig. 2.1). 	The turbine used was geometrically similar to the 
F.B.T.-I (D = 0.114 m) with six square blades ((2.5 x 2.5) x 10_ 2  m) 
made of brass, 1.25 x 	m thick. 	The turbine holder (0.11 m 
diameter), with the same shape as that presented in Fig. 2.3, was 
also made of brass, 3.75 x 	m thick. 	The impeller was centrally 
positioned with a clearance of 1/3 T from the tank bottom, as with 
the 600 litre vessel, and was driven by an electric D.C. motor 
suspended by a piano wire and supported on air bearings. 	All the 
measurements were carried out with water at a working level of 
0.38 m (HL = T). 
The torque was measured by a mechanical linkage, similar to that 
shown in Fig. 2.1, consisting of a 0.31 m diameter pulley fitted to 
the motor and attached, through a smaller vertical pulley, to a 
weighing pan by means of a cord. 	The impeller speed was measured 
with a stroboflash and was varied between 400 r.p.m. and 900 r.p.m. 
The air flow rates studied were 3 and 7.22 x 10 m 3/s, corresponding 
to superficial gas velocities of 2.63 and 6.34 x 10- 3 rn/s respectively. 
The value of Q 3 x 10 m 3/s corresponds to a v.v.m. of 0.416 mm 1 , 
which is the same as that obtained at Q = 4.16 x 	m3/s in the 
600 litre tank. 	In order to compare the performance of the two 
tanks at the same V (= 6.34 x 	m/s) a gas flow rate of 7.22 x 
10 m3/s was used in the small tank. 	The gas flow rates were 
measured by a calibrated metric 14A rotameter. 	
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7.3.2 	Experimental techniques 
The power dissipated by the agitation was calculated from the torque 
measurements and impeller rotational speed according to equation (2.4). 
The range of power dissipation was (0.45 - 5.50) x 10 3 w/m3 , being 




The dispersion gas hold-up, H, was evaluated from the difference in 
level of the free surface under aerated and non-aerated conditions, 
according to equation (2.5). 
The mass transfer product, kLa,  was obtained from the unsteady state 
measurements described earlier in Section 2.7.1 and the analysis of 
the samples was done using the same Beckman Oxygen Analyser. 
The measurements of power, gas hold-up and k 
L 
 a were repeated, at 
least three times, to average out any fluctuations. k 
L 
 a and power 
measurements were reproducible within 5% and the gas hold-up within 
10%. 
7.4 	RESULTS / 
7.4 	RESULTS AND DISCUSSION 
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7.4.1 	Effect of scale-up on the agitator power consumption 
The results of power measurements under non-aerated and aerated con-
ditions are given in Tables 7.1 and 7.2 respectively. 	The average 
power number obtained under non-sparging conditions, N , was found 
P0 
to be 5.49. 	This value is 10% higher than that found in the 
600 litre tank for F.B.T.-I (N 	= 5.0) however the discrepancy is 
possibly due to minor geometrical dissimilarities, such as the 
thickness of the turbine holder (t12). 
For sparging conditions, Table 7.2 shows that the values of P/P 
(and N) always increase as N   increases and therefore the mixing 
conditions are outwith flooding (Fig. 3.5). 	The minimum stirring 
speeds used (400 and 500 r.p.m. for the lowest and highest gas flow 
rates respectively) are higher than the necessary minima predicted 
by equation (3.14) (giving NF = 262 and 407 r.p.m. for the lowest 
and highest gas flow rates respectively) and are close to the minimum 
rotational speed proposed by Westerterp (106) (N 
0 
= 462 r.p.m.). 
The reduction in power due to aeration, PIP, is also shown in 
graphical form in Fig. 7.1 for the two gas flow rates used, as a 
function of the aeration number, N   (= Q / N D 3 ). 	Also shown in 
Fig. 7.1 is the correlation proposed by Calderbank, equation (3.6), 
and the previous results obtained in the 600 litre tank (for the 
F.B.T.-I) at Q = 4.16 x 	m3/s. 	As can be seen, the reduction 
in power is more pronounced in the small tank at the same V, while 
the P/P values obtained in the small tank at the same v.v.m. seem 
Table 7.1 
Power measurements for F.B.T.-I under non-gassed conditions 
in the 43 litre tank 
r.p.m. P/V N NRe 
(x10 3 ) (x10 5 ) 
400 0.72 5.51 0.87 
500 1.37 5.55 1.08 
600 2.45 5.54 1.30 
625 2.78 5.51 1.36 
700 3.95 5.54 1.52 
750 4.68 5.43 1.63 
800 5.58 5.34 1.74 
Mean Power Number = 5.49 
Table 7.2 
Gassed power measurements for F.B.T.-I in the 1+3 litre tank 
r.p.m. P/V N N P/P p a o 
(xlO 3) (x10 2 ) (xlO) 
Q = 3.0 x m3 /s 
(V = 	2.63 x m/s) 
400 0.45 3.58 3.05 6.25 
500 1.00 4.02 2.43 7.30 
625 2.24 4.39 1.91 8.05 
750 3.84 4.46 1.61 8.20 
Q = 7.22 x 1 1+ m3 /s 
(V = 6.34 x 10 m/s) 
500 0.57 2.23 5.80 4.16 
600 1.03 2.35 4.83 4.20 
700 1.71 2.44 4.14 4.33 
800 2.59 2.48 3.62 4.64 
900 3.75 2.52 3.22 
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Fig. 7.1 	
- Effect of scale-up on power number due to aeration 
V 
S 
x 10 	 V.V.M. 	V x 1O3 
L 
	
6.34 	 1.00 	 43 
V 	2.63 	 0.416 	 43 
6.34 	 0.416 	 600 
F.B.T. -I 
H 













Fig. 7.2 	- 	Effect of scale-up on gas hold-up 
'C 
0 
to follow the same trend as the dashed curve (if extrapolated) 	
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obtained in the 600 litre tank. 
In view of the lack of a unique correlation of power with Na)  as 
discussed in Chapter 3, the, equation proposed by Michel and Miller 
b 
(Gt), as P = a1 (P 2 / N 
a ) 	
was applied to the small tank and the 
following relationship obtained 
0.476 
P 	0.154 (P 2 / N ) 	 (7.1) o 	a 
The exponent was close to the average exponent of 0.45 obtained in 
the 600 litre tank (Table 3.3 and 3.4) and the data were correlated 
2 	0.45 
according to P a 
1 o a 	 1 
(P / N ) . 	The value of a was 0.259 t 
0.023, with a maximum absolute deviation of 16% and a mean deviation 
of about 10%. 	This value of a1 is less than that obtained for the 
600 litre tank (= 0.302); this difference is thought not to be 
large enough to be attributed to a scale-up effect. 
7.4.2 	Effect of scale-up on the gas hold-up 
The gas hold-up measurements are presented in Table 7.3 as a function 
of P/V and V, and in graphical form in Fig. 7.2 along with the 
results obtained in the 600 litre tank, for the F.B.T.-I, at 
V s = 6.34 x 10 	m3 /s (v.v.m. = 0.416). 	As can be seen the gas 
hold-up for the small tank, based on constant V, is much higher 
than that for the large tank, while the latter is in better agreement 




Gas hold-up measurements for the F.B.T.-I, in the 43 litre 
tank, as a function of P/V and V 
$ 
H (Ply) V 
(x102 ) (x10 3 ) (x10 3 ) 
2.97 0.145 2.63 
3.65 1.00 2.63 
4914 2.24 2.63 
5.81 3.84 2.63 
5.45 0.57 6.34 
6.81 1.03 6.314 
7.14 1.71 6.34 
8.20 2.59 6.34 
9.75 3.75 6.34 
Table 714 
for the F.B.T.-I, in the 43 litre tank, according to 
the well mixed models I and IV 
p/v 	 (k a) 	 (k a) 
3 L L iv (xlO 
Vs = 2.63 x 	rn/s 
0.45 0.0243 0.0195 
1.00 0.0412 0.0273 
2.24 0.0713 0.0353 
3.84 0.1290 0.0425 
V 	= 6.34 x 10- 3 rn/s 
s 
0.57 0.0591 0.0433 
1.03 0.0859 0.0534 
1.71 0.1090 0.0615 
2.59 0.1800 0.0741 
3.79 0.3020 0.0806 
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The results for the small tank were well correlated with the form of 
equation used in Chapter 5 for the 600 litre tank (H = x 1 (P/V)025 
(V)075 ) and x1 was found to be 0.53 t 0.033. The maximum absolute 
deviation was 15% with a mean deviation of about 7%. 	This value is 
higher than obtained for the 600 litre tank (Table 5.3) where x 1 
was found to be 0.34. 	However, if we recalculate x 1 by using v.v.m. 
instead of V for both tank sizes, we get 
H 	x 	
0.25 	 0.75
l (Ply) 	(v.v.m.) 	 (7.2) 
where 
(T / 60)0.75 
when HL = T. 	The factor 60 is introduce 3. to account for the change 
of units (1v5J mis, [v.v.m.J = min -1 ). 	From equation (7.2) we 
get x1 0.015 for the 600 litre tank and 
	
0.012 for the 43 litre 
tank. 	The di screpancy between these two values is well within the 
scatter of the data and it seems that v.v.m. is a better correlating 
variable than V for the gas hold-up. 	It should be noted that an 
identical range of v.v.m. was explored in both tanks (v.v.m. varied 
from 0.416 to 1 min- 1  in the small tank and from 0.416 to 0.833 min- 1 
in the large tank), whereas the maximum gas velocity used in the 
small tank corresponded to the lowest gas velocity used in the large 
tank. 
7.4.3 	Effect of scale-up on the mass transfer product, k 
L  a 
k 
L 
 a was evaluated as previously described using the well mixed models, 
models I and IV. 	The results are presented in Table 7.4 as a function 
F.B.T.-I 











500 	 1000 	
Xv (w/m) 
	 5000 
Fig. 7.3 	- Effect of scale-up on k 
L  a 
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of P/V for the two gas flow rates studied. 	Fig. 7.3 shows these 
results graphically along with dashed curves corresponding to the 
variation of (kLa)  and  (kLa)  for the 600 litre tank at a gas 
	
I 	 IV 
flow rate of 4.16 x m3/s. 	It can be seen that even in the 
small tank the (k a) values are considerably higher than (k a) 
L 	 L iv 
Furthermore, (k a) for the large tank is in between those obtained 
in the small tank using the two scale-up criteria, constant V and 
v.v.m. for identical values of P/V. 	A similar trend was found 
when evaluating k 
L 
 a from the simplest model, which does not involve 
the value of H. 	Therefore, it can be concluded that there is a 
genuine scale-up effect of k 
L  a which is not satisfactorily accounted 
for in terms of correlations involving either V or v.v.m. 	As 
Fig. 7.3 indicates, scale-up results in an improvement in performance 
with increasing scale when based on the constant v.v.m. criterion 
and a decrease in k L 
	 s 
a when based on a constant V criterion, for the 
same P/V values. 	Comparison of Figs. 7.3 and 7.2 leads to the 
conclusion that the decrease in performance found in the 600 litre 
tank, at constant V. may be due in part or whole to the observed 
decrease in gas hold-up and consequently in interfacial area, since 
the bubble size was found to be virtually constant. 
Most of the experimental data obtained in the small tank are in the 
region where Calderbank (4) found surface aeration entrainment to 
affect the interfacial area measurements. 	These effects were not 
found in the interfacial area measurements in the 600 litre tank 
although they appeared to have an influence on the k L a values at the 
highest power inputs. 	Thus one of the possible reasons for the 
decrease in performance on scale-up may be the different extent to 
which surface aeration affects different sizes of tank, as found by 
Fuchs and Ryu (32). 
Constant power per unit volume (or mass) of liquid is a frequently 	
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used scale-up criterion for turbulent stirred tanks, associated with 
the confirmed idea that equal P/V will lead to similar turbulent 
mixing conditions (37). 	However other parameters have been 
proposed, as referred to in Section 7.2. 	Fig. 7.4 shows the (k a) 
variations according to three different criteria suggested in the 
literature. The main conclusions can be summarized as follows: 
Scale-up criteria based on constant v.v.m. and N result in 
an increase in performance with increasing scale, which contradicts 
the conclusions of Nienow and Wisdom (cs). 	Their data (obtained 
in a non-coalescent system) also showed some indication that greater 
specific mass transfer rates are obtained in larger tanks. 	The 
evaluation of kLa,  in their work, was based on the simplest model 
(Model IV). 	However, an identical trend was obtained, similar to 	- 
that shown in Fig. 7.4 a), when (k a) 	values were used in place of L iv 
(kLa) with the present data. 
I 
Mann et al (5) concluded that a decrease in mass transfer 
performance is to be expected when scaling-up at identical values of 
N D and v.v.m. 	This is in agreement with the present findings, as 
indicated in Fig. 7.4 b). 
The parameter N 	was suggested by Metha and Sharma (so) 
(for geometrically similar systems) as the scale-up variable being 
independent of the gas flow rate. 	Nonetheless, Fig. 7.4 c) shows 
different lines at different sparging conditions and for the two 
different tank sizes. 	Furthermore, higher values of (k a) are 
obtained in the 600 litre tank following the N/b scale-up rule for 
a) b) c) 
v.v.m. = 0.416 min- 1  
V - 600 litre tank 
- 43 litre tank 
v.v.m. z 0.416 mm -1 
9 - 600 litre tank 










002I 	1 	1 	I 	 1002 
N(s') 	10 	15 	0.7 10 N  (m/s) 20 
















a given v.v.m. or V 
S 
From the foregoing it can be concluded that the proposed literature 
criteria are not of general applicability but specific to the 
systems investigated. 
7.5 	CONCLUSIONS 
Comparison of the k L 
	 L 1 	L iv 
a values (either (k a) or (k a) ), obtained in 
the two tank sizes studied (600 and 43 litres) with geometric and 
dynamic similarity, lead to differences presumably caused by different 
hydrodynamic conditions prevailing in the two tanks which are not 
accounted for by the criteria proposed in the literature. Consequent-
ly, local variations of gas hold-up and interfacial. area, measured 
previously in the 600 litre tank, may not give an identical variation 
in the geometrically similar small tank at the same power dissipation 
per unit volume and gas flow rate and, hence, different mass transfer 
rates result. 	The limited data obtained in the small tank (where 
no local dispersion properties were measured) does not justify one in 
proposing a new criterion and a more fundamental study of the fluid 




CONCLUSIONS AND RECOMMENDATIONS 
8.1 	OVERALL CONCLUSIONS 	
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Agitator configuration was found to have a considerable effect on the 
mass-transfer product and gas hold-up at constant power consumption 
and gas velocity. 	The impellers which gave a superior performance, 
in terms of the gas hold-up and mass transfer product, gave a lower 
power reduction on aeration. Plots of k 
L 
 a versus P/V revealed that 
most of the impellers studied were inferior to the flat blade turbine 
principally because of the lower gas hold-up values observed under 
identical power inputs and gas flow rate. 	The comb arrangements, 
C.B.T.-I and C.B.T.-II were found to be most promising, particularly 
at high gas flow rates and rotational speeds and in non-coalescing 
solutions, possibly due to the higher mass transfer rate in the 
immediate vicinity of the impeller. 	Further mass transfer studies 
of the geometry of the comb configuration revealed that the combina-
tion of rods and blades from which they protrude, are more effective 
than the same rods and blades used separately (see Addendum-pp. 290). 
The bubble sizes and interfacial areas measured with the flat blade 
turbine, F.B.T.-I, in the 600 litre tank, were found to be in good 
agreement with previous published work in relatively small tanks, 
under conditions where surface entrainment was absent. The bubble 
size was found to be approximately independent of position in the 
tank, impeller rotational speed and gas flow rate, over the range of 
conditions investigated. 	The bubble rise velocity was, however, 
found to vary with location and the impeller speed but was not much 
affected by the gas flow rate. 	Point measurements of gas hold-up, 
interfacial area, bubble frequency and bubble rise velocity revealed 
the shape of circulation streams inside the tank, without however 
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establishing a detailed flow pattern. 
It is important to correctly allow for the unsteady state features of 
the oxygen transfer rate to determine k L a in both small and large 
aerated mixing vessels. 	Neglect of the accumulation term and the 
assumption of quasi-steady state in the gas phase, as generally 
practised hitherto, can lead to large errors in kLa. 	An increase 
in kLa  with the power dissipated per unit volume of liquid, for a 
given superficial gas velocity, was obtained when the most general 
model, which correctly accounts for the gas and liquid phase dynamics, 
was used instead of the simple quasi steady state model. 	However, 
it was seen that the relative mass transfer performances of the 
several agitators were the same when k 
L  a values were evaluated from 
either model. 	The relative effects of power input and gas velocity 
on kLa,  observed for the F.B.T.-I, were such that there is no obvious 
power consumption advantage in increasing one at the expense of the 
other. 	At high P/V values, there was evidence of some significant 
entrainment of air from the surface of the tank and it seems that 
this effect is more pronounced in small than in large tanks. 
Scale-up criteria proposed in the literature were found to be unsatis-
factory when the k L a results for the small tank were compared to those 
obtained in the 600 litre tank. More experiments in various sizes 
of tank are needed to propose a better scale-up criterion. 	It is 
believed that the discrepancies noted above may be caused by different 
states of mixing prevailing at different scales of operation, com-
plicated by surface entrainment affecting different tank sizes 
unequally , these factors being not uniquely characterized by con-
ventionally used variables such as P/V, V, N, N D, etc., even for 
geometrically similar systems. 
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8.2 	RECOMMENDATIONS FOR FURTHER WORK 
k L  a values obtained in large tanks by the methods described in this 
work should be verified by using both chemical and physical methods 
under identical dispersion conditions. The hydrazine - 02 chemical 
method seems to be promising since the reaction produces water only. 
In the determination of kLa,  the gas phase is normally assumed to be 
well mixed, although most residence time distribution measurements 
have been confined to relatively small tanks. The validity of this 
assumption needs to be verified in larger tanks, as used in the 
present investigation. 	It is believed that a joint multi-response 
analysis of the data, by simultaneously monitoring the gas and liquid 
phase concentrations of the solute, would provide an adequate test of 
the validity of the various assumptions. Any deviation from the well 
mixed assumption results in lower values of k 
L  a for the same liquid 
phase concentration history. 
The present work should be extended to larger scales of operation 
in order to establish a proper set of scale-up criteria. 
NOMENCLATURE 
Ac Tank cross sectional area, m 2 
A. 
3 
Projected area of bubble of size class 
2 
j, m 
Total bubble surface area 
(Equation (5.16)) 	, 
A Concentration of solute A at the interface, 
g mole/m 3 
A 	, A Cross sectional area of light beam 
C C ° 
2 (Equation (2.16), 	(2.17)), m 
A1 , A 2 Constants (Equation (3.12)) 
a Gas-liquid interfacial area per unit volume 
of liquid, m- 1 
ad Gas-liquid interfacial area per unit volume 
of dispersion, m- 1 
a 	 Projected area of bubble per unit volume 
of dispersion, m- 1 
a 	 Total gas-liquid interfacial area, 
a1 	 Major semi-axis of a bubble, m 
a 	 Constant (Equation (3.21)) 
B° 	 Concentration of reactant B in the bulk of 
liquid, g mole/m 3 
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b1 	 Minor semi-axis of a bubble, m 	
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b 1 	 Constant (Equation (3.21)) 
C, CL 	 Concentration of the dissolved gas in the 
bulk of the liquid, g mole/m 3  
CD Drag coefficient 
CL Concentration of the dissolved gas in the 
bulk of the liquid at t0, g mole/rn 
CG Concentration of solute in the gas phase, 
g mole/m3 
CGI Concentration of solute in the gas phase 
at the inlet, g mole/m3 
C, c Equilibrium concentration of the dissolved 
gas in the liquid phase, g mole/m 3 
C* '  
S 
c 
sat Steady state equilibrium concentration of 
dissolved gas in the liquid phase, g mole/m 3 
CL Average concentration of dissolved gas in the 
liquid phase (Equation (6.30)), g mole/m 3 
C Constant (Equation (3.8)) 
C' Constant (Equation (5.7)) 
C15  C2 Constants (Equation (3.11)) 
C1 Constant (Equation (.)) 
C1 Constant (Equation (6.2)) 
c 	 Concentration of the solute in the bubble 229 
stretching film, g mole/m 3 
c 	 Concentration of the solute in the solution, 
g mole/m 3 
c12 c 2 	 Constants (Equation (5.4)) 
D, D 	 Impeller diameter, rn 
D. 	 Inner blade diameter 
:1- 
V 	 Diffusivity of the solute in the liquid 
phase, rn 2/s 
Bubble diameter, rn 
Diameter of bubble in size class i, in 
d 	 Equivalent spherical diameter of a bubble, in 
d 
p 	
Probe separation distance, rn 
Sauter mean bubble diameter (Equation (Lt.l)),rn 
E 	 Bubble eccentricity (Equation (5.17)) 
e1 	 Parameter (Equation (5.16)) 
Balancing force in torque measurements, N 
F 	 Drag force exerted on each impeller blade 
(Equation (3.17)), N 
Dimensionless concentration of solute in the 
gas phase (= CG / CGI) 
229 
Dimensionless concentration of solute in the 
gas phase at tzO 	/ 
f. 	 Number fraction of bubbles of size class i 
1 
in the dispersion 
Hold-up factor (Equation (5.5)) 
- 
f 	 Activity coefficient 
g 	 Gravitational constant, rn/s 2 
gA 	 Dimensionless concentration of solute in the 
liquid phase (= CL / CGI) 
Dimensionless concentration of solute in the 
liquid phase at tO 
0 
Dimensionless average concentration of solute 
in the liquid phase (Equation (6.34)) 
H 	 Gas hold-up (= volume of gas/volume of 
dispersion) 
He 	 Henry constant (Equation (6.12), atm 
H1 	 Impeller distance off tank bottom, m 
HL, h 	 Height of unaerated liquid, m 
H 	 Gas hold-up measured by the electroresistivity 
probe (Fig. 5.1) 
H ' 	 Gas hold-up (= volume of gas/volume of 
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liquid) 
h, L max 	
Height of aerated liquid, in 
I, I 	 Light intensity, any consistent units 
I ( ) 	 Modified zero order Bessel function of the 
0 
first kind 
K1 	 Constant (Equation (3.1)) 
K2 	 Constant (Equation (3.2)) 
k 	
Liquid side mass transfer coefficient, rn/s 
kLa , (kLa) 	 Mass transfer product, s- 1 
1,11,111 ,IV 
k2 	 Second order reaction rate constant, 
m 3/ (g mole.S) 
1 	 Impeller blade length, in 
1 	 Path length, m 
M 	 Molecular volume of liquid, m 3 /g mole 
Mb 	 Balancing mass in torque measurements, kg 
m 	 Exponent (Equation (6.9)) 
N, N1 , N 2 , N 3 	 Impeller rotational speed, S 1 
Na 	 Aeration number ( Q / N D 3 ) 
(N ) 	 Aeration number ( Q / N F D3) 
aF  
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NF 	 Flooding onset point (Equation (3.14)), s 
NFr 	 Froude number (= N 2D/g) 
N 	 Gassed power number (= P / (p N 3 D 5 )) 
N. N 	 Ungassed power number (z P / (p N 3 D5 )) 
Recirculation onset point (Equation (3.15)), 
-1 
S 
NR 	 Impeller Reynolds number (= p N D 2 / p) 
Ns 	 Schmit number (z  p / (p II))) 
N We 	 Weber number ( p N 2 D3 /0 or T d  / 
N0 	 Minimum effective rotational speed (Equation 
(3.12)), s_i 
Number of bubbles (Fig. 5.1) 
n. 	 Number of bubbles of size class i 
1 
n 	 Number of bubbles of size class i detected 
1 
by the probe 
n 1 . 	 Number of loops in channel i, i = 1, 2, 3 
and  
n 
	 Bubble frequency (Fig. 5.1) 
n1 	 Number of baffles 




	 Agitator power dissipation in aerated liquid, 
Watt 
Power imposed on the system by the entering 
air stream, Watt 
Total power dissipated 	P + 	Watt 
p0 	 Agitator power dissipation in non-aerated 
conditions, Watt 
P 	 Pressure at distance x from the bottom of 
x 
the tank (Equation (2.6)), m of H 2 
 0 
P(j) 	 Probability of detection of a bubble of size 
class j by the probe 
p0 	 Power dissipated by each blade of impeller 
(Equation (3.18)), Watt 
p 	 Partial pressure of the solute in the gas 
phase, atm 
PI 	 Impeller blade pitch 
Q 	 Gas flow rate, m 3 /s 
R 	 Specific rate of absorption, g mole /(m 2 s) 
IR 	 Total rate of absorption, g mole/s 
R 
	 Universal gas constant, (atm. m 3 )/(g mole OK) 
R. 	 Blade inner radius, m 
i 
R 	 Blade outer radius, m 
0 
R 	 Dynamometer torque radius arm, m 	
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S 	 Baffle width, m 
S 	 Dimensionless axial co-ordinate 
S 
	 Fractional rate of surface renewal (Equation 
(2.29)), S- 1 
T 	 Tank diameter, m 
Tgas 	 Time the probe is in gas phase (Fig. 5.1), s 
TG 	 Time the probe is inside the bubble i (Fig. 
5.2), s 
T. 	 Pulse duration in channel i, (1 = 1, 2, 3 
and 4) 
T1 	 Loop time, s 
Tliq 	 Time the probe is in liquid phase (Fig. 
5.1), s 
T 
max 	 Total time of operation (Equation (6.32)), s 
T 	 Absolute temperature, °K 
T le 	 Corrected pulse duration on channel 1, S 
T1 . 	 Delay time in channel i (1 = 2, 3 and 4) 
(Fig. 4.2) 
t t, td 	 Time, s 
U 	 Bubble vertical rise velocity (Equation 
(4.9)), m/s 
U. 	 Mean rise velocity of bubbles of size class 
234  
i (Equation (4.11)), rn/s 
U 	
Rise velocity of a bubble in size class i 
U 	
Average bubble rise velocity in the tank, 
rn/s 
V, V 	 Volume of liquid, m 3 
V 	
Bubble volume, 
VD 	 Volume of dispersion, m 3 
VG 	 Volume of gas (in the dispersion), m 3 
V 	 Superficial gas velocity (Q / (ir T 2 / 4)),m/s 
V 	 Terminal velocity of bubbles in free rise,m/s 
v 	 Instantaneous voltage, volt 
v. 	 Instantaneous voltage on channel i (1 = 1, 2, 
3 and 4), volt 
v 
mm 
. 	 Minimum voltage (Fig. 4.2), volt 
Vmax 	 Maximum voltage (Fig. 4.2), volt 
v 	 Transition voltage between gas and liquid 
(Fig. 4.2), volt 
v.v.m. 	 Volume of gas per volume of liquid per 
minute (= 60 Q/V), mm 
w 	 Impeller blade width, m 
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x 	 Constant (Equation (3.1)) 
Yl' 
z 
2 ... 9 
a1 , a 2 , a 3 
1' 2 	3 
i' 	2' ... 1 5 
Constants (Equations (5.3)(5.11)(5.12)(6.1)) 
Constant (Equation (7.2)) 
Concentration of solute in the gas phase 
(z CG), g mole/m 3 
Concentration of solute in the gas phase at 
the inlet (= CGI),  g mole/rn 3 
Concentration of solute in the liquid phase 
(= C), g mole/m 3 
Reaction stoichiometric coefficient (Equation 
(2.8)) 
Axial co-ordinate 
Constants (Equation (3.1)) 
Constants (Equations (6.14)(6.15)(6.23)) 
Constants (Equations (6.16)(6.17)) 
Constants (Equation (6.21)) 
xl , x 2 , x 3 
X : .  
y  
Stagnant film thickness (Equation (2.25)), m 
6 J_ , o 2 	 Constant (Equations (6.16)(6.17)) 
, 1 
	 Dimensionless quantities (Equations (6.35) 
(6.37)) 
fl 	r13 , r 	 Constants (Equations (6.32)(6.33)) 
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o, r, r 	 Dimensionless quatities, (Equations (6.32) 
(6.35)(6.38)) 
Surface renewal time (Equation (2.27)), s 
X1 5.X 2 , A 3 	 Constants (Equations (6.16)(6.17)) 
Liquid viscosity, kg/(m.$) 
Gas viscosity, kg/(rn.$) 
Liquid kinematic viscosity (z ii / P), m 2/s 
P 	 Liquid density, kg/m 3 
PD 	
Dispersion density, kg/m 3 
Az 	 Axial increment, rn 
AP 	 Difference in density between dispersed 
and continuous phase, kg/m 3 
Cr 	 Surface tension, N/rn. 
Shear stress (Equations (.3)(.4)), N/rn 2 
Activity coefficient .function (= 1 + d in fl 
d in Cf) 1) 
1) 	
Hydrodynamic parameter (Equation (6.9)) 
Rate of angular displacement (Equation (2.2)), 
-1 
S 
W1 3 W 25 	
W 
10 	
Constants (Equations (6.16)(6.17)) 
x 1 3. x 2 , ... 	 Constants (Equations (6.16)(6.17)) 
23? 
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Ungassed Power Measurements for F.B.T.-I 
r.p.m. P/V 
(xlO ) 
250 0.90 4.90 
275 1.23 5.04 
300 1.61 5.06 
350 2.58 5.10 
400 3.68 4.90 
Mean Power Number = 5.00 
Root Mean Square Deviation = 3% 
NRe 







Ungassed Power Measurements for F.B.T.-II 
r.p.m. 	 P 
0 
 /V 	 N 	 NRe 
(x103 	
P 
) (xlO) 	 (xlO 6 ) 
250 0.43 	 2.51 0.76 
300 0.77 	 2.55 0.92 
350 1.19 	 2.50 1.07 
400 1.73 	 2.43 1.22 
450 2.44 	 2.41 1.37 
500 3.56 	 2.56 1.53 
550 5.10 	 2.76 1.68 
Mean Power Number 	2.51 x 10_i 
Root Mean Square Deviation 	3.5% 
P•1S A D 
	 247 
Ungassed Power Measurements for C.B.T.-I 





250 0.50 2.75 
300 0.88 2.77 
350 1.42 2.80 
400 2.11 2.80 
450 2.99 2.79 
500 4.03 2.74 
550 5.29 2.71 
Mean Power Number = 2.76 
Root Mean Square Deviation = 1.2% 
- 	 A 	 I, 
Ungassed Power Measurements for C.B.T.-II 
r.p.m. P /V 
0 3 0 
(xlO 	) 
250 0.64 3.41 
300 1.14 3.49 
350 1.75 3.39 
400 2.58 3.34 
450 3.66 3.33 
500 4.86 3.22 
Mean Power Number = 3.36 
Root Mean Square Deviation = 2.6% 
Table A.5 
Ungassed Power Measurements for C.B.T..-III 
r.p.m. P0/V Np0 
(x10 3 ) (x102 ) 
300 0.65 9.21 
350 0.99 8.92 
400 1.48 8.89 
450 2.14 9.02 
500 2.86 8.80 
550 3.68 8.51 
600 4.43 7.88 
Mean Power Number 	8.75 x 10- 2 






























Ungassed Power Measurements for S.C.R.-I 
248 
r.p.m. P/V NPO 
(x10 3 ) 
300 0.53 1.66 
350 0.82 1.61 
400 1.25 1.65 
450 1.85 1.71 
500 2.75 1.85 
550 3.46 1.75 
600 4.27 1.66 
650 5.02 1.53 
700 5.77 1.41 
750 6.72 1.34 
Mean Power Number = 1.61 
Root Mean Square Deviation = 10% 
Table A.7 
Unassed Power Measurements for S.C.R.-II 
r.p.m. P /V Np O_ 3 0 
(xlO 	) 
300 0.54 1.65 
350 0.85 1.65 
400 1.38 1.78 
450 2.22 2.01 
500 3.06 2.02 
550 3.93 1.95 
600 4.82 1.84 
650 5.59 1.68 
700 6.51 1.56 
Mean Power Number = 1.79 




























Ungassed Power Measurements for D.I. - I 




350 0.363 5.70 
400 0.58 5.91 
450 0.83 5.96 
500 1.16 6.07 
550 1.61 6.34 
600 2.12 6.39 
650 2.74 6.51 
700 3.49 6.63 
750 4.17 6.44 
Mean Power Number 6.28 x 10- 2 














Ungassed Power Measurements for D.I. - II 




350 0.65 9.10 
400 0.80 8.17 
450 1.31 9.40 
500 1.77 9.26 
550 2.33 9.13 
600 2.95 8.92 
650 3.67 8.72 
700 4.37 8.30 
750 5.30 8.19 
Mean Power Number = 8.76 x 10- 2 














Table A. 10 
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Ungassed Power Measurements for D.I.-III 
r.p.m. 	 P 
0 	 P0 /V 
N 	 NRe 
(x10 3 ) 	 (x102 ) 	 (x10 6 ) 
300 0.46 1.09 1.04 
350 0.68 1.02 1.22 
400 0.98 1.05 1.39 
450 1.36 0.96 1.57 
500 2.06 1.01 1.74 
550 2.53 0.97 1.91 
600 3.57 1.06 2.09 
Mean Power Number = 1.02 x 10 -1 




Ungassed Power Measurements for F.B.T.-I in N-hexanol Solutions 
r.p.m. 	 P /V 	 ND 	 N 
0 	 Re  
(xlO ) 	 (xlO ) 
250 	 0.97 	 4.89 	 3.11 
300 	 1.56 	 4.89 	 3.74 
350 	 2.34 	 4.63 	 4.36 
400 	 3.44 	 4.56 	 499 
450 	 4.63 	 4.32 	 5.61 
Mean Power Number = 4.65 
Root Mean Square Deviation = 4.5% 
Ungassed Power Measurements for C.B.T.-I in N-hexanol Solutions 








250 0.52 2.70 3.11 
300 0.85 2.69 3.74 
350 1.36 2.69 4.36 
400 1.97 2.61 4.99 
450 2.71 2.53 5.61 
500 3.62 2.46 6.23 
Mean Power Number = 2.59 
Root Mean Square Deviation = 3.6% 
Ungassed Power Measurements for C.B.T.-II Using "Comb" Baffles 
r.p.m. 	 P /V 	 N 
0 	 P 	 N 
0 Re 
(x10 3 ) 	 (X10- 5 
250 0.64 3.31 3.15 
300 1.06 3.21 3.78 
350 1.70 3.22 4.41 
400 2.54 3.22 5.04 
450 3.55 3.16 5.67 
500 4.80 3.12 6.30 
Mean Power Number = 3.21 





Ungassed. Power Measurements of. Frame Work of C.B.T.-I 
r.p.m. 	 P/V 	 Np 	 NRe 
(x10 3 ) 	 (x10 ) 
250 	 0.21 	 5.06 	 1.72 
300 	 0.38 	 5.21 	 2.07 
350 	 0.59 	 5.12 	 2.42 
400 	 0.87 	 5.06 	 2.76 
450 	 1.25 	 5.09 	 3.10 
500 	 1.69 	 5.03 	 3.45 
Mean Power Number = 5.09 
Table A.15 
Ungassed Power Measurements of Frame Work of C.B.T.-II 
r.p.m. P /V N 
P 





250 0.48 11.4 1.72 
300 0.84 11.6 2.07 
350 1.34 11.6 2.42 
400 1.98 11.5 2.76 
450 2.76 11.3 3.10 
500 3.77 11.2 3.45 
Mean Power Number z 11.4 
Table A.16 
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Power Consumed by the Rod Arrangement of C.B.T.-I 
(Calculated from Tables A.3 and A.14) 
r.p.m. 	 P /V 	 N 	 N 
0 3 o Re 5 
(xlO ) (xlO ) 
250 0.28 1.52 3.12 
300 0.50 1.57 3.74 
350 0.83 1.64 4.36 
400 1.24 1.64 4.99 
450 1.74 1.62 5.61 
500 2.34 1.58 6.23 
Mean Power Number = 1.59 
Table A.17 
Power Consumed by the .Rod Arrangement of C.B.T.-II 
(Calculated from Tables A.4 and A.15) 
r.p.m. 	 P0IV 	 Npb 	 NRe 
(xlO ) (xlO ) 
250 0.16 0.86 3.12 
300 0.30 0.90 3.74 
350 0.41 0.81 4.36 
400 0.60 0.79 4.99 
450 0.90 0.84 5.61 
500 1.09 0.74 6.23 
Mean Power Number = 0.82 
Gassed Power Measurements for F.B.T.-I (Figs. 3.7 and 3.8) 
P/V 	 N 	 N 	 P/P 
r.p.m. 	
3 
P a o 
(xlO ) (x10 2 ) 	 (xlO) 
Q = 4.16 x 	m3/s 
250 0.59 3.19 4.89 6.51 
275 0.75 3.06 4.44 6.08 
300 0.99 3.11 4.07 6.15 
350 1.65 3.27 3.49 6.38 
400 2.48 3.29 3.05 6.74 
450 3.46 3.23 2.72 
500 4.80 3.26 2.44 
Q = 	5.83 x 	m3/s 
250 0.53 2.88 6.84 5.87 
275 0.69 2.81 6.22 5.57 
300 0.90 2.83 5.70 5.59 
350 1.41 2.79 4.89 5.45 
400 2.14 2.85 4.28 5.83 
450 3.12 2.91 3.80 
500 4.11 2.80 3.42 
Q = 8.33 x 10 	m3/s 
250 0.41 2.20 9.78 4.49 
275 0.54 2.21 8.89 4.38 
300 0.73 2.28 8.15 4.52 
350 1.24 2.45 6.98 4.78 
400 1.89 2.50 6.11 5.12 
450 2.60 2.42 5.43 




Gassed Power Measurements for F.B.T.-II (Fins. 3.9 and 3.10) 









Q = 4.16 x 10 m3 /s 
300 0.58 1.94 10.6 7.59 
350 0.98 2.06 9.11 8.23 
400 1.53 2.15 7.97 8.84 
450 2.20 2.17 7.09 8.97 
500 3.10 2.23 6.34 8.71 
550 4.12 2.23 5.80 7.90 
Q = 	5.83 x m 3 /s 
300 0.51 1.71 14.9 6.69 
350 0.78 1.65 12.7 6.61 
400 1.19 1.67 111 6.88 
450 1.72 1.70 9.90 7.03 
500 2.45 1.76 8.91 6.85 
550 3.30 1.79 8.10 6.45 
Q = 8.33 x 10 m3 /s 
300 0.52 1.75 21.2 6.84 
350 0.77 1.62 18.2 6.50 
400 1.16 1.63 15.9 6.71 
450 1.65 1.63 14.2 6.75 
500 2.14 1.54 12.7 5.98 
550 2.99 1.62 11.6 5.83 
Table A.20 
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Gassed Power Measurements for C.B.T.-I (Figs. 3.11 and 3.12) 
r.p.m. P/V N N P/P 
P a 0 
(xlO 	) (xlO 	) (xlO) 
3 Q = 4.16 x 10 - m3/s 
250 0.35 1.89 4.89 6.89 
300 0.6 1+ 2.02 4.07 7.27 
350 1.08 2.14 3.49 7.64 
400 1.69 2.24 3.05 8.01 
450 2.40 2.24 2.72 8.04 
500 3.37 2.29 2.44 8.36 
550 4.48 2.29 2.22 8.47 
600 5.74 2.26 2.04 
Q = 5.83 x 10- 3 m3/s 
300 0.54 1.69 5.70 6.10 
350 0.91 1.80 4.89 6.41 
1+00 1.44 1.91 4.28 6.85 
1+50 2.11 1.97 3.80 7.07 
500 2.94 2.00 3.42 7.30 
550 4.00 2.04 3.11 7.56 
600 5.20 2.04 2.85 
Q 	8.33 x 	m3/s 
300 0.46 1.44 8.15 5.19 
350 0.73 1.44 6.98 5.14 
400 1.17 1.55 6.11 5.54 
450 1.71 1.59 5.43 5.72 
500 2.39 1.63 4.89 5.95 
550 3.29 1.68 4.44 6.21 
600 4.34 1.71 4.07 
258 Table A.21 
Gassed Power Measurements for C.B.T.-II (Figs. 3.13 and 3.14) 
r.p.m. 	 P/V 	 N 	 N 	 P/P 
3 
P a2 o 
(xlO ) 	 (xlO ) 	 (xlO) 
Q = 4.16 x 	m3/s 
250 0.57 3.10 4.88 8.90 
300 0.96 2.96 4.01 8.49 
350 1.52 2.95 3.43 8.71 
400 2.31 2.98 3.01 8.94 
450 3.25 2.95 2.67 8.85 
500 4.48 2.97 2.40 9.22 
550 5.27 2.94 2.27 
Q = 	5.83 x '10- 	m3/s 
250 0.43 2.34 6.84 6.71 
300 0.74 2.28 5.61 6.53 
350 1.26 2.45 4.81 7.22 
400 2.03 2.63 4.21 7.88 
450 2.87 2.61 3.74 7.83 
500 3.97 2.63 3.37 8.16 
550 5.22 2.60 3.00 
Q = 8.33 x 10 3 'm3 /s 
250 0.36 1.96 9.77 5.62 
300 0.63 1.93 8.01 5.52 
350 1.02 1.97 6.87 5.82 
400 1.61 2.08 6.01 6.22 
450 2.39 2.17 5.34 6.52 
500 3.32 2.20 4.81 6.83 
550 4.51 2.25 4.37 
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Gassed Power Measurements for C.B.T.-III (Figs. 3.15 and 3.16) 
r.p.m. 	 P/V 	 N 	 N  
(xiO 3 ) 	(x10 2 ) 	(x10 3 ) 	 (xlO) 
Q = 4.16 x 10 	m3/s 
300 0.37 5.21 6.36 5.66 
350 0.57 5.09 5.45 5.70 
400 0.83 4.95 4.77 5.60 
450 1.17 4.96 4.24 5.50 
500 1.60 4.93 3.81 5.60 
550 2.18 5.04 3.47 5.92 
600 2.82 5.01 3.18 6.35 
-3 3 
Q 	5.83 x 10 	m Is 
300 0.37 5.21 8.89 5.66 
350 0.57 5.09 7.63 5.70 
400 0.84 5.04 6.67 5.67 
450 1.17 4.96 5.93 5.50 
500 1.60 493 5.34 5.60 
550 2.13 4.92 4.85 5.78 
600 2.78 4.95 4.45 • 6.27 
Q = 8.33 x 	m3/s 
300 0.38 5.38 12.7 5.84 
350 0.55 4.91 10.9 5.50 
400 0.80 4.81 9.53 5.41 
450 1.13 4.78 8.47 5.30 
500 1.53 4.72 7.63 5.36 
550 2.09 4.82 6.93 5.67 
600 2.67 4.75 6.36 6.02 
Table A.23 
	 NM 
Gassed Power Measurements for S.C.R.-I (Figs. 3.17 and 3.18) 
r. p. 	 P/V 
(xiO 3 ) 	 (xlO)  
350 0.41 8.11 
400 0.64 8.38 
450 1.12 10.4 
500 1.57 10.5 
550 1.97 9.96 
600 2.40 9.33 
650 2.92 8.92 
700 3.62 8.85 
750 4.41 8.78 
800 5.09 8.35 
350 0.40 7.85 
400 0.59 7.79 
450 0.84 7.71 
500 1.27 8.52 
550 1.64 8.29 
600 2.04 7.93 
650 2.55 7.80 
700 3.09 7.56 
750 3.82 7.60 
800 4.61 7.57 
350 0.41 8.11 
400 0.58 7.59 
450 0.82 7.55 
500 1.10 7.38 
550 1.48 7.46 
600 1.90 7.40 
650 2.38 7.28 
700 2.96 7.24 
750 3.62 7.21 
800 4.34 7.12 
N 	 P/P 
a 2 	 0 
(xlO ) (xlO) 



































Gassed Power Measurements for S.C.R.-II (Figs. 3.19 and 3.20) 
r.p.m. 	 P/V 	 N 
P 	
N 	 P/P 
3 - 	a2 0 
(xlO ) 	(xlO) (xlO ) 	 (xlO) 
Q = 4.16 x 10 	 m 3 /s 
350 0.51 9.80 3.43 594 
400 0.88 11.3 3.00 6.35 
450 1.26 11.4 2.67 5.67 
500 1.66 11.0 2.40 5.42 
550 2.14 10.6 2.19 5.45 
600 2.74 10.5 2.00 5.68 
650 3.31 9.97 1.85 5.92 
700 3.97 9.56 1.72 6.10 
750 4.71 9.22 1.60 
800 5.54 8.95 1.50 
Q = 5.83 x 	m3/s 
350 0.47 9.14 4.81 5.54 
400 0.75 9.76 4.21 5.47 
450 1.02 9.27 3.74 4.59 
500 1.40 9.27 3.37 4.58 
550 1.80 8.92 3.06 4.57 
600 2.28 8.72 2.80 473 
650 2.77 8.32 2.59 4.94 
700 3.41 8.21 2.40 5.24 
750 4.05 7.93 2.24 
800 4.72 7.61 2.10 
Q = 8.33 x io 	m3  /S 
350 0.39 7.60 6.87 4.61 
400 0.58 7.49 6.01 4.20 
450 0.88 8.02 5.34 3.98 
500 1.23 8.14 4.81 4.02 
550 1.56 7.77 4.37 3.98 
600 1.91 7.32 4.01 3.97 
650 2.36 7.09 3.70 4.21 
700 2.89 6.95 3.43 4.43 
750 3.45 6.76 3.21 
800 4.17 6.73 3.01 
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Table A.25 
Gassed Power Measurements for D.I.-I (Figs. 3.2.1 and 3.22) 
r.p.m. 	 P/V 	 N 	 N 	 P/P 
P a o 
(x10 3 ) 	(x10 2 ) 	(x10 3 ) 	(xlO) 
Q = 4.16 x 	m 3/s 
400 0.44 4.43 6.55 7.58 
450 0.64 4.55 5.82 7.71 
500 0.89 4.63 524 7.67 
550 1.22 4.77 4.76 7.57 
600 1.60 4.80 4.37 7.55 
650 2.11 4.98 4.03 7.70 
700 2.62 4.95 3.74 7.50 
750 3.27 5.02 3.49 7.84 
800 4.07 5.15 3.27 
Q = 	5.16.x m 3 /s 
400 0.41 4.12 9.17 7.06 
450 0.61 4.30 8.15 7.35 
500 0.83 4.33 7.33 7.15 
550 1.14 4.44 6.67 7.08 
600 1.48 4.46 6.11 6.97 
650 1.96 4.62 5.64 7.15 
700 2.46 4.65 5.24 7.05 
750 3.07 4.71 4.89 7.32 
800 3.85 4.88 4.58 
Q = 8.33 3 x 10 - 	m3/s 
400 0.40 4.04 13.1 6.89 
450 0.58 4.12 11.6 6.99 
500 0.81 4.18 10.5 6.98 
550 1.07 4.15 9.52 6.64 
600 1.39 4.20 8.73 6.54 
650 1.81 4.27 8.06 6.60 
700 2.24 4.24 7.48 6.40 
750 2.92 4.49 6.98 6.97 
800 3.48 4.51 6.55 
Table A.26 
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Gassed Power Measurements for D.I.-II (Figs. 3.23 and 3.24) 
r.p.m. 	 P/V 	 N 	 N 	 P/P 
3 
P. a o 
(xlO ) (xl0) 	(xlO ) (xlO) 
Q = 4.16 x 	m3/s 
400 0.40 4.12 6.55 5.05 
450 0.61 4.36 5.82 4.64 
500 0.88 4.58 5.24 4.95 
550 1.21 4•73 4.76 5.18 
600 1.68 5.08 4.37 5.70 
650 2.22 5.27 4.03 6.05 
700 2.82 5.36 3.74 6.45 
750 3.33 5.15 3.49 6.30 
800 4.02 5.11 3.27 
Q5.83 x 	m3/s 
400 0.37 3.73 9.17 4.57 
450 0.54 3.87 8.15 4.12 
500 0.75 3.93 7.33 4.24 
550 1.08 4.24 6.67 4.64 
600 1.45 4.39 6.11 4.92 
650 2.07 4.92 5.64 5.64 
700 2.55 4.85 5.24 5.84 
750 3.08 4.76 4.89 5.81 
800 3.71 4.72 4.58 
Q = 8.33 x 	m3/s 
400 0.34 3.42 13.1 4.25 
450 0.48 3.44 11.6 3.66 
500 0.67 3.48 10.5 3.76 
550 0.92 3.62 9.52 3.96 
600 1.27 3.84 8.73 4.30 
650 1.72 4.09 8.06 4.69 
700 2.17 4.14 7.48 4.98 
750 2.62 4.05 6.98 . 4.94 
800 3.28 4.18 6.55 
Gassed Power Measurements for D.I.-III (Figs. 3.25 and 3.26) 









Q = 4.16 x 	m3/s 
350 0.26 3.96 7.48 3.82 
400 0.42 4.28 6.55 4.29 
450 0.64 4.61 5.82 4.71 
500 0.91 4.73 5.24 4.42 
550 1.25 4.90 4.76 4.94 
600 1.75 5.29 4.37 4.90 
650 2.29 5.45 4.03 
700 2.87 5.46 3.74 
-3 3 
Q 	5.83 x 10 	m /s 
350 0.22 3.35 10.5 3.23 
400 0.37 3.73 9.17 3.75 
450 0.54 3.87 8.15 4.00 
500 0.79 4.13 7.33 3.83 
550 1.08 4.24 6.67 4.27 
600 1.45 4.39 6.11 4.06 
650 1.97 4.68 5.64 
700 2.55 4.85 5.24 
Q = 8.33 x 10 	 m 3 /s 
350 0.21 3.15 14.9 3.10 
400 0.34 3.50 13.1 3.47 
450 0.49 3.50 - 11.6 3.60 
500 0.68 3.53 10.5 3.29 
550 0.91 3.58 9.52 3.60 
600 1.22 3.70 8.73 3.42 
650 1.65 3.92 8.06 
700 2.07 3.94 7.48 
264 
Table A.28 
Gassed Power Measurements for F.B.T.-I in n-hexanol solutions 
(Figs. 3.28 and 3.29) 
r.p.m. P/V N N p/p 
3 p a2 
(xlO 	) (xlO ) (xlO) 
Q z 4.16 x 10 	m3/s 
250 0.53 2.87 4.89 5.46 
300 0.89 2.79 4.07 5.70 
350 1.40 2.78 3.49 6.00 
400 2.03 2.69 3.05 5.91 
450 2.77 2.58 2.72 5.99 
500 3.77 2.56 2.44 
Table A.29 
Gassed Power Measurements for C.B.T.-I in n-hexanol solutions 
(Figs. 3.28 and 3.29) 







Q = 4.16 x 	m3/s 
250 0.34 1.82 4.89 6.54 
300 Q.57 1.78 4.07 6.70 
350 0.90 1.78 3.49 6.65 
400 1.33 1.76 3.05 6.74 
450 1.86 1.74 2.72 6.88 
500 2.50 1.70 2.44 
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N 	 P/P 
a,, 0 
( xlOz) (xlO) 



























Gassed Power Measurements for C.13.T.-II US 
	"comb" baffles 
(Figs. 3.30 and 3.31) 
RAM 




































500 3.21 2.11 
550 4.55 
2.25 
600 5.91 2.25 
SUMMARY OF GAS HOLD-UP MEASUREMENTS FOR ALL THE IMPELLERS 
Table B.l 
Overall gas hold-up as a function of P/V and V 
for the F.B.T.-I in tap water 
H P/V V 
(x10 2 ) (xlO 3 ) ( xlO) 
4.36 0.99 6.34 
5.12 1.65 6.34 
5.61 2.48 6.34 
6.08 3.46 6.34 
6.84 4.80 6.34 
5.1 0.90 8.87 
6.10 1.41 8.87 
6.68 2.14 8.87 
7.45 3.12 8.87 
8.19 4.11 8.87 
6.70 0.73 12.7 
7.41 1.24 12.7 
8.32 1.89 12.7 
9.25 2.60 12.7 




Overall gas hold-up as a function of P/V and V 











2.79 0.58 6.34 
3.83 1.53 6.34 
4.21 2.20 6.34 
4.54 3.10 6.34 
3.77 0.51 8.87 
4.18 0.78 8.87 
4.66 1.19 8.87 
5.42 2.45 8.87 
5.04 0.52 12.7 
5.44 0.77 12.7 
6.40 1.16 12.7 
7.41 2.14 12.7 
Table B.3 
Overall gas hold-up as a function of P/V and V 
for the C.B.T.-I in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
3.76 0.64 6.34 
4.19 1.08 6.34 
4.74 1.69 6.34 
5.25 2.40 6.34 
5.87 3.37 6.34 
4.57 0.54 8.87 
5.11 0.91 8.87 
5.52 1.44 8.87 
6.15 2.11 8.87 
6.88 2.94 8.87 
6.25 0.46 12.7 
6.80 0.73 12.7 
7.76 1.17 12.7 
8.21 1.71 12.7 
9.38 2.39 12.7 
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Overall gas hold-up as a function of P/V and V 
for the C.B.T.-II in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
3.82 0.57 5314 
4.23 0.96 6.3'- 
4.98 1.52 6.34 
5.55 2.31 6.34 
6.73 4.48 6.34 
5.21 0.74 8.87 
6.32 1.26 8.87 
7.68 2.03 8.87 
8.36 3.97 8.87 
6.40 0.63 12.7 
7.55 1.02 12.7 
8.21 1.61 12.7 
9.52 2.39 12.7 
11.0 4.51 12.7 
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Overall gas hold-up as a function of P/V and V 
for the C.B.T.-III in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x103 ) 
2.2 1+ 0.33 6.31+ 
2.78 0.83 6.314 
3.46 1.60 6.31+ 
4.26 2.82 6.31+ 
2.75 0.37 8.87 
3.148 0.84 .8.87 
4.30 1.60 8.87 
5.29 2.78 . 	 8.87 
3.50 0.38 12.7 
14.50 0.80 12.7 
5.46 1.53 12.7 
6.41 2.67 12.7 
Table B.6 
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Overall gas hold-up as a function of P/V and V 
for the S.C.R.-I in tap water 
H 	 P/V 	 V 
	
(x102 ) 	 (x10 3 ) 	 (x10 3 ) 
2.50 	 0.64 	 6.34 
3.61 	 1.57 	 6.34 
4.76 	 2.92 	 6.34 
5.62 	 5.09 	 6.34 
3.61 0.84 8.87 
4.66 1.64 8.87 
5.85 3.09 8.87 
6.80 4.61 8.87 
4.10 0.82 12.7 
5.12 1.48 12.7 
6.82 2.96 12.7 
7.90 4.34 12.7 
Table B.7 
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Overall gas hold-up as a function of P/V and V 
for the S.C.R.-II in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
3.59 1.26 6.34 
4.33 2.14 6.34 
4.88 3.31 6.34 
5.44 4.71 6.34 
4.78 1.40 8.87 
5.6'4 2.28 8.87 
6.24 3.41 8.87 
6.86 4.72 8.87 
5.73 1.23 12.7 
6.49 1.91 12.7 
7.51 2.89 12.7 
8.12 4.17 12.7 
Overall gas hold-up as a function of P/V and V 
for the D.I.-I in tap water 
H 	 P/V 	 V 
(x102 ) 	 (x10 3 ) 	 (x10 3 ) 
2.70 0.89 6.34 
3.11 1.60 6.34 
3.56 2.62 6.34 
3.91 4.07 6.34 
3.67 0.83 8.87 
3.99 1.8 8.87 
4.45 2.46 8.87 
4.84 3.85 8.87 
5.09 0.81 12.7 
5.70 1.39 12.7 
6.04 2.24 12.7 
6.43 3.48 12.7 
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rn_k., - 	 fl C, 
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Overall gas hold-up as a function of P/V and V 
for the D.I.-II in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
2.43 0.88 6.34 
2.82 1.68 6.34 
3.28 2.82 6.34 
3.62 4.02 6.34 
2.99 0.75 8.87 
3.51 1.45 8.87 
3.87 2.55 8.87 
4.33 3.71 8.87 
4.27 0.67 12.7 
5.11 1.27 12.7 
5.48 	. 2.17 12.7 
5.84 3.30 12.7 
Table B. 10 
	 2.76 
Overall gas hold-up as a function of P/V and V 
for the D.I.-III in tap water 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
2.35 0.1+2 6.34 
2.85 0.91 6.31+ 
3.28 1.75 6.34 
3.42 2.87 6.34 
3.32 0.37 8.87 
3.91 0.79 8.87 
4.18 1.45 8.87 
4.75 2.55 8.87 
4.38 0.34 12.7 
5.11 0.68 12.7 
5.76 1.22 12.7 
6.21 2.07 12.7 
Gas hold-up as a function of P/V and V for the C.B.T.-II 
using the "Comb Baffles' 
H 	 P/V 	 V 
(x10 2 ) 	 (x10 3 ) 	 (x10 3 ) 
3.49 0.52 6.34 
4.15 0.88 6.34 
5.32 2.16 6.34 
6.75 4.15 6.34 
4.97 0.73 8.87 
5.78 1.25 8.87 
6.52 1.87 8.87 
8.03 3.77 8.87 
6.22 0.65 	- 12.7 
7.19 1.03 12.7 
9.04 2.31 12.7 
10.5 	 - 4.55 12.7 
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Table B. 12 
Overall gas hold-up measurements as a function of P/V 
for the F.B.T.-I in n-hexanol solutions 
(V = 0.00634 m/s) 
S 
H 	 P/V 







Overall gas hold-up measurements as a function of P/V 
for the C.B.T.-I in n-hexanol solutions 
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ESTIMATED k L a VALUES ACCORDING TO MODELS I AND IV 
FOR VARIOUS AGITATORS 
La for the F.B.T.-II in tap water according to 
the well mixed models I and IV 
PH 	 (kLa)1 	 (kLa)1 
(X10-3 ) 
Vs 6.34 x lO 	rn/s 
0.58 0.0380 0.0258 
0.98 0.0550 0.0310 
1.53 0.0647 0.0348 
2.20 0.0825 0.0401 
3.10 0.0943 0.0430 
4.12 0.1310 0.0475 
Vs 8.87 x 10- 3 rn/s 
0.51 0.0486 0.0330 
0.78 0.0575 0.0375 
1.19 0.0694 0.0418 
1.72 0.0928 0.0483 
2.45 0.1140 0.0521 
3.30 0.1360 0.0557 
V 1.27 x 10- 2 rn/s 
0.52 0.0530 0.0417 
0.77 0.0664 0.0438 
1.16 0.0860 0.0501 
1,65 0.1030 0.0552 
2.14 0.1260 0.0605 
2.99 0.1480 0.0648 
Table C.2 
	 Ng 
for the C.B.T.-I in tap water according to 
the well mixed models I and IV 
P/v 
(x10 3 ) 
(kLa) 1 ( kLa ) IV 
vs = 6.34 x 10 	m/s 
0.64 0.0541 0.0322 
1.08 0.0714 0.0367 
1.69 0.0971 0.0425 
2.40 0.1180 0.0461 
3.37 0.1650 0.0495 
4.48 0.2450 0.0541 
Vs 	8.87 x lO 	rn/s 
0.54 0.0646 0.0390 
0.91 0.0836 0.0455 
1.44 0.1140 0.0522 
2.11 0.1500 0.0576 
2.94 0.2290 0.0636 
4.00 0.4323 0.0707 
Vs 	1.27 x 10_
2  rn/s 
0.46 0.0890 0.0516 
0.73 0.1140 0.0573 
1.17 0.1662 0.0664 
1.71 0.2150 0.0722 
2.39 0.4710 0.0828 
3.29 - 0.0882 
- 
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kLa for the C.B.T.-II in tap water according to 
the well mixed models I and IV 
P/V 
3 	
( kLa ) 	 ( kLa ) 




= 6.34 x 	rn/s 
0.57 0.0417 0.0281 
0.96 0.0678 0.0349 
1.52 0.0914 0.0408 
2.31 0.1280 0.0455 
3.25 0.2800 0.0537 
4.48 0.5800 0.0585 
8.87 x 	rn/s 
0.133 0.0475 0.0329 
0.74 0.0732 0.0413 
1.26 0.1180 0.0595 
2.03 0.1810 0.0559 
2.87 0.3370 0.0657 
3.97 0.6200 0.0705 
V 	1.27 x 10- 2 rn/s 
0.63 0.0910 0.0501 
1.02 0.1326 0.0610 
1.61 0.2070 0.0721 
2.39 0.4060 0.0800 
3.32 - 0.0910 
mt., - 	In 1. 
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kLa for the C.B.T.-III in tap water according to 
the well mixed models I and IV 
P/V 
( kLa ) ( kLa ) 
(x103) 
I IV 
V 6.34 x 	rn/s 
s 
0.37 0.0288 0.0222 
0.57 0.0370 0.0259 
0.83 0.0430 0.0280 
1.17 0.0490 0.0315 
1.60 0.0574 0.0345 
2.18 0.0670 0.0398 
2.82 0.0785 0.0423 
V 8.87 x 10- 3 rn/s 
.0.37 0.0354 . 	 0.0270 
0.57 0.0415 0.0304 
0.84 0.0495 0.0353 
1.17 0.0560 0.0385 
1.60 0.0705 0.0433 
2.13 0.0768 0.0477 
2.78 0.1090 0.0521 
V = 1.27 x 10- 2 rn/s 
S 
0.38 0.0405 0.0335 
0.55 0.0512 0.0385 
0.80 0.0641 0.0450 
1.13 0.0785 0.0498 
1.53 0.0908 0.0548 
2.09 0.1050 0.0597 










P/v 	 (kL 	 L a) IV 
(x103) 	
a) (k 
V = 	6.34 x 	rn/s 
s 
0.64 0.0415 0.0321 
1.12 0.0601 0.0371 
1.97 0.0886 0.0441 
2.92 0.1340 0.0495 
4.41 0.2707 0.0576 
V 8.87 x 	rn/s 
0.59 0.0525 0.0381 
0.84 0.0643 0.0424 
1.64 0.0954 0.0527 
2.55 0.1440 0.0599 
3.82 0.2640 0.0700 
V = 1.27 x 10_ 2  rn/s 
S 
0.58 0.0625 0.0452 
1.10 0.0874 0.0556 
1.90 0.1410 0.0681 
2.96 0.2090 0.0780 
3.62 0.2920 0.0822 
f.S C 
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for the S.C.R.-II in tap water according to 
the well mixed models I and IV 
P/V 	 (kLa ) 	 ( kLa ) 
-3 I IV 
(xlO ) 
V = 	6.34 x 	rn/s 
s 
0.88 0.0427 0.0282 
1.26 0.0549 0.0341 
1.66 0.0683 0.0385 
2.74 0.1120 0.0460 
3.31 0.1490 0.0523 
4.71 0.3520 0.0597 
V 8.87 x 	rn/s 
0.75 0.0468 0.0315 
1.02 0.0582 0.0381 
1.40 0.0737 0.0435 
1.80 0.0981 0.0491 
2.28 0.1270 0.0525 
2.77 0.1640 0.0598 
4.05 0.3220 0.0686 
V 1.27 x 10_ 2  rn/s 
0.88 0.0652 0.0412 
1.23 0.0843 0.0488 
1.91 0.1270 0.0589 
2.36 0.1680 0.0654 
3.+5 0.2980 0.0761 
Table C.7 
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kLa for the D.I.-I in tap water according to 
the well mixed models I and IV 
P/V 	 (kLa) 	 (k a) IV 
(xlO3) 
I L 
V = 6.34 x 	rn/s 
S 
0.64 0.0322 0.0248 
1.22 0.0427 0.0290 
1.60 0.0481 0.0305 
2.62 0.0590 0.0350 
4.07 0.0691 0.0380 
V = 8.87 x 10 	rn/s 
S 
0.61 0.01430 0.0314 
1.114 0.0568 0.0364 
1.48 0.0645 0.0403 
2.146 0.0786 0.0455 
3.85 0.0973 0.0505 
V 	1.27 x 10_ 2  rn/s 
0.58 0.0521 0.0392 
1.07 0.0675 0.0453 
1.39 0.0767 0.0488 
2.24 0.0902 0.0537 
3.48 0.1160 0.0598 
Table 
for the D.I.-II in tap water according to 
the well mixed models I and IV 
P/V 	 (kLa) 	 (k a) 
(x103) 	
I IV 
V = 6.31+ x 	rn/s 
S 
0. 140 0.0317 0.0228 
0.88 0.0392 0.0263 
1.68 0.01+73 0.0313 
2.82 0.0572 0.031+3 
4.02 0.0666 0.0381+ 
V = 8.87 x 	rn/s 
S 
0.5+ 0.0420 0.0302 
0.75 0.01+55 0.0322 
1.1+5 0.0552 0.0359 
2.55 0.0662 0.0415 
3.71 0.071+1 0.041+8 
V 	1.27 x 10_ 2  rn/s 
0.48 0.0486 0.0371 
0.67 0.0524 0.0391 
1.27 0.0660 0.0456 
2.17 0.0772 0.0506 
3.28 0.0938 0.0546 
Table C.9 
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for the D.I.-III in tap water according to 
the well mixed models I and IV 
P/V 	 (kLa ) 	 ( kLa ) 
-3 I IV 
(xlO ) 
V 	= 6.34 x 10 	rn/s 
s 
0.42 0.0316 0.0232 
0.64 0.0355 0.0252 
0.91 0.0399 0.0269 
1.25 0.0461 0.0300 
1.75 0.0515 0.0317 
2.29 0.0585 0.0343 
Vs 	8.87 x lO 	rn/s 
0.54 0.0406 0.0298 
0.79 0.0472 0.0329 
1.08 0.0534 0.0360 
1.45 0.0590 0.0380 
1.97 0.0691 0.0420 
2.55 0.0731 0.0443 
Vs 	1.27 x 10- 2 rn/s 
0.49 0.0530 0.0370 
0.68 0.0605 0.0416 
0.91 0.0680 0.0441 
1.22 0.0752 0.0480 
1.65 0.0839 0.0512 
2.07 0.0933 0.0548 
groW 
REAM 
- 	(•' in 
for the C.B.T.-II using the "comb baffles" (in tap water) 
according to the well mixed models I and IV 
P/v 	 (k a) 	 (k a) 
(x103) 
L L 
V = 6.34 x 	rn/s 
S 
0.52 
0.88 0.0655 0.0358 
1.45 0.0959 0.0425 
2.16 0.1420 0.0517 
3.04 0.2400 0.0542 
4.15 0.6350 0.0605 
V = 8.87 x 	mis 
5 
0.73 0.0758 0.0435 
1.25 0.1120 0.0511 
1.87 0.1710 0.0571 
2.73 0.3540 0.0674 
3.77 0.6720 0.0725 
4.96 - 0.0803 
V = 1.27 x 10- 2 rn/s 
S 
0.65 0.0847 0.0508 
1.03 0.1350 0.0601 
1.57 0.2010 0.0707 
2.31 0.3390 0.0778 
3.21 - 0.0841 
Table C.ii 
	 MOPA 
for the F.B.T.-I in n-hexanol solutions 
according to model IV 
P/v 
(xl0 3 ) 
( kLa ) 
IV 

















for the C.B.T.-I in n-hexanol solutions 
according to model IV 
P/v 
(X10- 3 
( kLa ) 
IV 












Some few additional measurements of k 
L 
 a were carried out at the end 
of this work in order to investigate further the optimum geometry of 
the comb" turbines (C.B.T.-I and C.B.T.-II). A cylindrical blade 
holder was used to support the blades and rods in various configura-
tions with an overall diameter of 0.27 in, as previously employed. 
The support was open-ended and had many vertical slots milled in it 
to allow free flow of liquid and gas. 
It was found that the mass transfer performance of rods alone, blades 
alone or separated rods and blades was inferior to the configuration 
in which the rods protruded from the blades, as was used in C.B.T.-I 
and C.B.T.-II. 
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